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Biomass conversion to hydrocarbon fuels requires significant amounts of hydrogen.  Fossil 
resources typically supply hydrogen via steam reforming.  A new technology called microbial 
electrolysis cells (MECs) has emerged which can generate hydrogen from organic sources and 
biomass.  The thermochemical route to fuels via pyrolysis generates bio-oil aqueous phase (BOAP) 
which can be used to make hydrogen.  A process engineering and economic analysis of this 
technology was conducted for application in biorefineries of the future.  Steam methane reforming, 
bio-oil separation and microbial electrolysis unit operations were simulated in Aspen Plus to derive 
the mass and energy balance for conversion of biomass.  A process scheme using MEC to generate 
hydrogen, while minimizing use of natural gas was developed.  A process design developed by 
Pacific Northwest National Laboratory was used as baseline biorefinery flowsheet.  The results 
show that hydrogen production at a rate of 1,723 lb/hr can be derived using 19.5 % of the bio-oil 
as the substrate BOAP, while eliminating the need for natural gas.  A two-step quench system 
allows separation of an aqueous stream containing about 23,000 lb/hr of organic substrate, 
sufficient for hydrogen generation, besides that generated from off-gas, so as to meet the total 
biorefinery hydrogen needs.  The techno-economic analysis (TEA) showed that hydrogen can be 
generated for a minimum hydrogen selling price of $ 3.35/kg-H₂.  The results of this study show 
that hydrogen can be practically derived from an aqueous soluble bio-oil stream, while majority 
of the bio-oil is used for hydrocarbon production, using a wholly biomass-sourced hydrogen.  This 
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1.1 Problem Statement 
Dependence on fossil fuels coupled with high CO2 emissions and their effect on global climate 
change have become the impelling causes for the research and development of sustainable 
alternative energy sources over the last few decades.  Biomass has proven to be such a source for 
alternative energy as it can be converted to a wide variety of useful products.  However, to meet 
the fuel demands of today’s economy, biomass must be processed at an industrial scale by the 
means of a biorefinery.  Biorefinery consists of multiple conversion processes that convert biomass 
into a range of fuels and products.  The goal of the biorefinery is to generate these products in an 
economic way and this represents a big challenge requiring significant level of innovation.  Many 
facets of biorefinery can and have been developed to achieve this goal efficiently and effectively.  
A key intermediate step within this overall process is hydrogen production, which is necessary for 
biomass deoxygenation.  Producing hydrocarbon fuel from biomass containing about 40 wt. % 
oxygen requires a lot of hydrogen. Traditionally, this hydrogen comes from natural gas.  
Environmental incentive to minimize the use of such non-renewable resources for fuel production 
relate back to the overall goal of the biorefinery.  Efforts to improve energy efficiency, decrease 
operating and capital costs and greenhouse gas (GHG) emissions within the biorefinery scheme is 
necessary to achieve goals related to climate change.  Integrating a baseline biorefinery process 
with a modern biotechnological apparatus called a microbial electrolysis cell (MEC) to source the 
hydrogen and reduce environmental impact was the goal of this study.  A techno-economic 
analysis was conducted using Aspen simulation software for key operations within the biorefinery 
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and a baseline mass and energy balance for the newly developed MEC technology was conducted 
to evaluate the impact of including MEC in the biorefinery design.  
 
1.2 Overview 
 Pacific Northwest National Laboratory (PNNL) has conducted a study to simulate the 
biorefinery process for production of biofuels from biomass via fast pyrolysis pathway.  A report 
based on this study provides the process conditions, mass balance and economic analysis for 
production of gasoline and diesel fuel at a competitive price based on minimum fuel selling price 
(MFSP) estimation (Jones et al., 2013).  While the report was detailed, it lacked information on 
the energy balance of the system.  The primary goal of this work was to generate energy in the 
form of hydrogen using waste resources available in the biorefinery.  Thus, having an energy 
balance in addition to mass balance was necessary.  Therefore, a mass and energy analysis of the 
unit operations relevant to hydrogen production was conducted.  Following this, changes to the 
baseline biorefinery process were conducted to allow integration of the MEC into the biorefinery. 
While natural gas is the fuel source for hydrogen production in biorefinery, a water-soluble organic 
substrate is the fuel source for hydrogen production in a MEC.  Through the decomposition of 
biomass via fast pyrolysis, an organic bio-oil and an aqueous substrate rich in water-soluble 
compounds suitable for hydrogen production can be derived from the product vapors using various 
separation techniques.   
MECs have been investigated for hydrogen production at various scales, however, their 
practical implementation has not yet been established (Escapa et al, 2016).  This is of particular 
importance for fuel production within a biorefinery because steam reforming functions to produce 
hydrogen gas for downstream bio-oil upgrading and hydrocracking.  Typically, off-gases from the 
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overall biorefinery that are used to produce hydrogen through the steam reforming process are not 
sufficient to meet the demands necessary for these downstream processes.  Thus, a supplemental 
source of hydrogen, such as natural gas is used to meet these demands.  Here, an alternate process 
to generate the hydrogen is investigated, which will allow minimization of the use of natural gas, 
thereby minimizing greenhouse gas emissions.  This study investigates the MEC technology from 
a process engineering and economics perspective.  Additionally, the process flow diagrams 
generated to perform mass and energy balance and utility data generated in this study may help in 
filling some of the gaps in the PNNL report.  The design and cost analysis of the MEC process and 
its implementation into a baseline biorefinery process are described in the following sections and 
chapters of the thesis. 
 
1.3 Baseline Biorefinery Process 
The PNNL report contained a simulation of a large-scale biorefinery (including but not limited 
to mass balances, costing data, unit operation data, and reaction mechanism information) (Jones et 
al., 2013).  The report was authored jointly by the Pacific Northwest National Laboratory (PNNL), 
the National Renewable Energy Laboratory (NREL), and the Idaho National Laboratory (INL).  
The approach used to develop a techno-economic model followed the system given in Figure 1.1.   
 
 
Figure 1.1. Techno-economic analysis approach (Jones et al., 2013) 
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 It begins with establishing feedstock composition, operating conditions, and conversion 
yields; all of which are determined based on an extensive literature review and relevant 
assumptions.  This data is then evaluated using process model software, in this case specifically 
Aspen Plus and CHEMCAD, where the material balance information is obtained.  From there, 
equipment costing and sizing is estimated based on the specific characteristics of each process and 
is represented using Microsoft Excel.  Finally, a minimum fuel selling price (MFSP) is established 
using a discounted cash flow analysis.  The simulated biorefinery itself is broken up into five main 
sections: fast pyrolysis, hydrogen production, hydrodeoxygenation (hydrotreating), 
hydrocracking, and product separation as shown in Figure 1.2. 
 
 





In the first section, A100: Fast pyrolysis, a biomass feedstock enters, where it is dried out, 
ground to the target particle size, converted to pyrolysis vapor, condensed to bio-oil and then sent 
to a hydrotreating section, where it is upgraded.  Non-condensable off-gas product from fast 
pyrolysis is sent to the hydrogen production plant.  In the section, A600, the off-gas along with 
off-gas from hydrocracking and natural gas are used to produce hydrogen via catalytic steam 
reforming.  The bio-oil from fast pyrolysis is upgraded in two stages using fixed bed reactors and 
sent to a hydrocracking section, A500.  Here, the upgraded heavy fraction bio-oil is cracked to 
produce additional fuel before final separation into gasoline and diesel product.  The fuel is then 
sent to a collection pool and shipped out.   
 
1.4 Baseline Biorefinery Process and Integration 
 
 
Figure 1.3. Block diagram of baseline biorefinery process described in PNNL report 
6 
 
The baseline biorefinery process described in the PNNL report is shown in the form of a 
block diagram in Figure 1.3.  One of the goals of the work described in this thesis is to generate 
hydrogen from the acidic and polar organic compounds present in the bio-oil (using an MEC).  The 
water-soluble compounds are separated from the organic portion of the bio-oil via a separation 
step, followed by the MEC to convert them to hydrogen. The separation can be carried out using 
a quench system such as that described in the PNNL report or using a more extensive separation 
scheme such as that described by Pollard et al., (Pollard et al., 2012).  The latter is called stage 
fractionation (SF), since it uses five stages. Integrating the separation and MEC unit operations 
into the baseline biorefinery process requires an understanding of the upstream and downstream 
processes and identification of suitable entry point.  A simple process flow diagram of the 
integrated separation+MEC process within the biorefinery process is shown in Figure 1.4. 
 
 




Including the separation+MEC process into the baseline biorefinery process involves many 
changes in the process flows and re-analysis of the mass and energy balance.  A notable change in 
process flow is the removal and replacement of bio-oil collecting unit operations (quench column 
and filter).  Notable downstream effects consist of the use of the hydrogen gas produced by the 
MEC for hydrotreatment, and changes associated with the separation step into the biorefinery.  
This process flowsheet thus minimizes use of natural gas in the biorefinery.  
Determining the amount of hydrogen needed to be produced by the MEC to make up for 
the amount generated from natural gas is a key part of this work.  Thus, a challenge is to portion 
off the minimum amount of water-soluble bio-oil to the MEC to meet this hydrogen production 
target so that the remaining bio-oil can be sent to the hydrotreater.  Based on this, the steam 
reforming process and the hydrogen production process are designed. The following sections 
outline the separation processes and the MEC and steam reforming processes, which are then 
simulated to enable integration with the rest of the biorefinery in the subsequent chapters.   
 
1.5 Steam Reforming 
 In a biorefinery, off-gases containing hydrocarbons are produced as by-products from 
multiple unit operations including pyrolysis, hydrodeoxygenation and hydrocracking.  These off-
gases are utilized in the section A600 for hydrogen production via steam reforming.  Steam 
reforming is a process of producing CO2 and H2 by reacting hydrocarbons and steam at high 
temperatures. The steam reforming reaction seen below is reversible, and thus catalyst is typically 
added to maximize H2 production. 
   
𝐶𝑥𝐻𝑦 + 𝐻2𝑂 ⇌ CO + 𝐻2; H = 206 kJ/mol, for methane reforming   (Equation 1.1) 
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This reaction is endothermic, so large amounts of heat have to be supplied for the reaction to 
proceed.  Off-gases portioned to this section of the biorefinery are not sufficient to meet the 
hydrogen production demands throughout the rest of the plant, thus supplemental natural gas is 
added.  Due to methane being a key component for hydrogen production this process is commonly 
referred to as steam methane reforming (SMR).  This reaction is endothermic and thus requires an 
external heating source that is usually provided by the combustion of additional methane and/or 
using available energy from any separated exhaust streams via heat exchange, etc. (Simpson & 
Lutz, 2007).  Additionally, a water-gas shift reaction (CO + H2O ⇌ CO2 + H2) is usually coupled 
with this process to further convert CO from the reforming reaction into hydrogen.  Thus, these 
two reactions within the baseline biorefinery serve as the source for hydrogen production for the 
overall plant.  Chapter 2 describes the SMR process in detail and describes how this process was 
simulated using Aspen Plus. 
 
1.6 Microbial Electrolysis 
1.6.1 Concept of MEC 
 A MEC is an electrochemical cell, consisting of an anode containing a microbial consortium 
or single species, a cathode, and a membrane separating the two electrodes.  The two half reactions 
at the anode and the cathode can be described as follows:   
 
Anode: 𝐶𝑥𝐻𝑦𝑂𝑧 + 𝐻2𝑂 →  𝐶𝑂2 + 𝐻
+ +  𝑒−                (Equation 1.2a) 




The cathode can use a biological or a chemical catalyst to produce hydrogen.  A MEC requires 




Figure 1.5. A schematic of a generic microbial electrolysis cell. (Borole & Mielenz, 2011) 
 
 
A MEC is essentially an electrochemically assisted microbial production of hydrogen. This 
concept was first introduced in 2005 (Liu, H. et al, 2005).  Essentially, a MEC acts as a reaction 
vessel for the electrohydrogenesis reaction, where the decomposition of organic matter takes place 
using bacteria to produce electrons that are then combined with hydrogen ions to make the 
hydrogen gas in the cathode (Logan et al., 2006).  
The finer details of MEC design have been greatly researched over the past decade and have 
been largely influenced by the standard microbial fuel cell (MFC) design (Kadier et al., 2016).  
Unlike a MEC, a MFC’s main product is electricity rather than hydrogen.  However, both cells 
typically undergo a similar reaction at the anode mediated by microorganisms requiring a large 
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surface area electrode, which can be made up of carbon cloth, carbon paper, graphite felt, and other 
simpler material (Ahn & Logan, 2013). 
Membrane selection can vary based on experimental intent; however, charge transfer is 
essential in both systems.  In order to separate the anode and cathode electrochemically as well as 
hydraulically, ion exchange membranes have been used (Figure 1.6). Either anion exchange 
membrane (AEM) or cation exchange membrane (CEM) may be used to enable charge transfer 
(Daud et al, 2015). 
 
 
Figure 1.6. Schematic of ion and mass transfer across (a) cation and (b) anion exchange 
membrane (Harnisch & Schröder, 2010) 
 
1.6.2 Current Status of Technology 
There have been many advancements in MEC technology over the last decade.  Much work 
has been done to determine the best suited cathode material and catalysts for hydrogen generation 
(Kundu et al, 2013).  It has been shown that combined together, these two components make up 
roughly 47% of the total capital costs for MECs, thus they have become a target for reducing 
overall costs for the system (Rozendal et al, 2008).  Platinum (Pt) is a commonly used catalyst in 
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electrochemical systems and has shown low overpotential when accompanied with a buffer for 
hydrogen evolution reactions (HER) as seen below (Jeremiasse, 2009). 
 
2𝐻+ + 2𝑒−  →  𝐻2                   (Equation 1.2a) 
2𝐻2𝑂 + 2𝑒
−  →  𝐻2 + 2𝑂𝐻
−                 (Equation 1.2b) 
 
However, Pt catalyst tends to be more expensive than alternatives and has been shown to 
be poisoned by chemicals such as sulfide, which is often found in wastewater (Logan et al., 2008).  
Alternatives include biocathodes which are cathodes catalyzed by microorganisms (Jafary et al., 
2015).  First row transition metals such as nickel and stainless steel alloys have shown to be stable, 
abundant, low cost, and low toxicity to living organisms (H. Hu, Fan, & Liu, 2009).  Tungsten 
carbide, shows lower performance than platinum, but benefits from a low price and insensitivity 
towards catalyst poisons such as sulfide and carbon dioxide (Harnisch et al, 2009).   Recently, a 
NiFe layered double hydroxide electrocatalyst was directly grown on nickel foam for hydrogen 
gas evolution from brewery wastewater and showed a similar production rate to standard Pt 
catalyst at 2.01-2.12 m³ H₂/m³d (Lu et al, 2016).  Hydrogen production in a study conducted using 
an electroformed Ni mesh cathode catalysts in a single-chamber MEC was compared to carbon 
cloth containing Pt cathode (4.25±1 m³ H₂/m³d) and showed comparable with a maximum rate of 
4.18±1 m³ H₂/m³d.   
Modifications in MEC design have included the use of AEM separating anode from 
cathode, graphite granules pretreated with high temperature ammonia gas (increases current 
density) and carbon cloth as a surface for microbial growth, a Pt catalyst placed in the cathode 
chamber as designed by Cheng and Logan (Cheng & Logan, 2007).  This design resulted in a 
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hydrogen production rate of 1.1 m³ H₂/m³d with an overall energy efficiency of up to 86% 
efficiency when evaluated on the basis of both the voltage added and the heat of combustion of 
the substrate added.  Other design modifications include a concentric tubular MEC, enrichment of 
MEC bio-cathodes from sediment MFC bio-anodes, a single chambered MEC with a brush anode 
and flat carbon cathode, continuous flow MECs, and MEC-MFC coupled systems for hydrogen 
production (Kadier et al., 2016; Kyazze et al., 2010; Pisciotta et al, 2012).   
The selection and treatment of inoculum is often required for efficient MEC operation. 
Wastewater treatment plants provide an abundant consortium of bacteria from a digester slurry as 
a starting inoculum (requiring enrichment).  Multiple waste streams have been established as a 
source for energy recovery by MECs and MFCs (Escapa et al., 2016).   In fact, de-oiled wastewater 
from a lignocellulosic biorefinery was used as inoculum showing better performance than standard 
domestic wastewater (Ren et al., 2013).  Additionally, energy recovery within a lignocellulosic 
biorefinery using MECs was studied upstream of wastewater in a new approach for hydrogen 
production using an integrated pyrolysis-microbial electrolysis process (Lewis et al., 2015).  This 
approach utilizes an aqueous stream generated during pyrolysis of switchgrass, as a substrate for 
hydrogen production in a MEC.  As a result, this process achieved a hydrogen production rate of 
4.3 L H₂/L anode-day.  The substrate, bio-oil aqueous phase (BOAP), was continuously fed at a 
loading rate of 2 g/L-day to 10 g/L-day resulting in hydrogen production rates of 0.9 ± 0.06 to 4.3 
± 0.05 L/L-day, respectively.  This high production rate is attributed to the use of a patented 
enrichment process with a previously enriched inoculum over several months to develop a 





1.6.3 Literature Review of MEC Process and Economic Analysis 
Developments in MEC design have given an informative look at how they can be scaled-
up (Kadier et al., 2016).  The use of wastewater as a source of carbon and energy for production 
of biofuels and biochemicals whilst simultaneously treating local wastewater is a novel proposition 
(Angenent et al, 2004).  The use of MEC technology at a commercial scale has not been 
demonstrated yet.  As a first step towards that objective, preliminary engineering and economic 
analysis of the process has been conducted (Escapa et al, 2012).  This was a case study using a 
wastewater from a treatment plant in Andalucía, Spain.  The study explored four scenarios for 
large-scale MEC design and determined the cost of the process.  A consensus on the design of the 
MEC for best implementation on a large-scale has yet to be reached, however; many designs have 
been suggested (Kadier et al., 2016).  A feasibility analysis begins with minimizing costs and 
maximizing hydrogen gas production.  In the case study reported by Escapa et al., 2012, high 
capital costs associated with MECs were identified as the main barrier for commercialization.  The 
capital cost issue can be resolved to some degree with better performance of the MEC.  A target 
productivity of 20 L/L-day of hydrogen has been reported for achieving economic feasibility 
(Sleutels et al., 2012).  Recent studies have reported rates approaching that target (Borole & Lewis, 
2017) and in some cases, the hydrogen production rate or current density have been surpassed, but 
primarily using model substrates (Ichihashi et al., 2014). 
Application of MECs in wastewater treatment plants and biorefineries is a challenging 
proposition, however; it can result in many benefits, if demonstrated successfully. The large 
footprint of MECs, which is not very different from other waste to energy operations such as 
anaerobic digestion, can be a hurdle for commercialization; however, demonstrating economic 
feasibility can overcome that hurdle.  Investigations of  MECs at a larger scale have been explored 
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and reported in literature, however, the performance has been found to deteriorate with increasing 
scale (Escapa et al, 2015; Gil-Carrera et al., 2013; Keller & Rabaey, 2008). Improved designs and 
process alternatives have potential to overcome these issues (Borole & Lewis, 2017; Borole et al., 
2009; Heidrich et al, 2014; Lewis & Borole, 2016; Pannell et al, 2016).   The use of a biomass-
derived pyrolytic aqueous stream as a substrate producing hydrogen in a flow-through MEC was 
recently shown to improve proton transfer rate to a maximum of 0.36 ± 0.01 moles per m² per h, 
which is equivalent to a hydrogen production rate of 9.08 L/L-day (Borole & Lewis, 2017).  Based 
on data from Jones et al., 2013 (the PNNL report), and results from Lewis et al., 2015, the 
implementation of microbial electrolysis within a biorefinery process is investigated in this study.  
The integrated MEC-biorefinery process has potential to reduce the water demand and GHG 
emissions resulting from use of natural gas reforming for H₂ production.  Chapter 3 describes the 
process design for the MEC unit operation and a mass and energy balance for conversion of BOAP 
to hydrogen. Chapter 5 describes the MEC-associated accessories and unit operations to integrate 
MEC into the biorefinery.  
 
1.7 Bio-oil Separation 
    Biomass pyrolysis is a reaction that results in the production of three main products: bio-
oil, bio-char and non-condensable gas.  Such reactions occur in a vessel known as a pyrolyzer, 
where the decomposition of organic material takes place at very high temperatures with a residence 
time of only a few seconds. The exact composition of the products varies from case to case 
depending on the parameters defining the process such as feed type, reactor conditions, and 
residence time.  Determining this composition is usually achieved by commonly used techniques 
such as gas chromatography and mass spectroscopy.  The variety of functional groups found in 
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bio-oil typically include carboxylic acids, alcohols, ketones, furans, phenols, and sugars (Milne et 
al, 1997).  For example, in a study of the characterization of bio-oil, the pyrolysis of red oak 
showed levoglucosan, acetic acid, 2-furan methanol, vanillin, and phenol as major components 
(Pollard et al., 2012).  Oftentimes, the primary goal of the pyrolyzer is to produce bio-oil as an 
energy product.  Since pyrolysis reactions occur at such high temperatures, the recoverable 
products are usually in a vapor phase aside from undesired solid phase products such as char, sand, 
and ash.  The bio-oil is recovered through separation of the pyrolysis vapor into the aforementioned 
three products.  The PNNL report uses a system of two quench columns and a filter (Figure 1.7) 
to achieve pyrolysis vapor condensation and bio-oil separation.  Stream 130 is the pyrolysis vapor 








More advanced, alternative separation methods may be used to fractionate the liquid stream 
into multiple class of compounds present in bio-oil and potentially higher value products.  One 
such separation process has been developed by Iowa State University called stage fractionation 
(SF) seen below in Figure 1.8 (Pollard et al., 2012).   
 
 
Figure 1.8. Bio-oil stage fractionation process flow diagram (Pollard et al., 2012)  
 
After removing solids from the exhaust via a cyclone separator, the pyrolysis vapors are 
passed through a series of five unit operations.  Essentially, stage fractionation separates the 
pyrolysis vapors into five liquid fractions and a stream of non-condensable gases.  This is 
practically achieved using three heat exchangers to condense vapors and two electrostatic 
precipitators to recover aerosols (W. Hu, 2016).   
Bio-oil derived from switchgrass has been shown to partition up to 70% of its organic 
content into aqueous phase, when diluted with water (Imam & Capareda, 2012).  Indeed the 
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recovery of such an aqueous phase for the use of hydrogen production within a MEC is of great 
interest.  Chapter 4 describes the simulation of the Quench process and the SF process and 
strategies to integrate these separation processes with MEC into the biorefinery.  



















STEAM REFORMING OF HYDROCARBON GASES 
2.1 Process Design 
 Steam reforming is an essential process within a biorefinery’s systematic design.  It 
functions to produce hydrogen to support the hydrotreating and hydrocracking stages downstream 
by utilizing natural gas and off-gases produced in other processes within the biorefinery.  The 
steam reforming process was modeled in Aspen Plus using a scheme similar to that provided in 
the PNNL report with a few exceptions involving combustion exhaust heat recovery and final 
product recovery via pressure swing adsorption (PSA).  Within the next two sections, a description 
of the process design for natural gas and off-gas reforming simulated in Aspen Plus V8.8 is 
described.  One of the main goals of simulating this hydrogen production process was to investigate 
the effect of changing feedstock conditions on hydrogen production.  For example, the effect of 
using off-gases alone, without natural gas input, on the production of hydrogen is explored.  In 
addition, this model would allow investigations of the effect of other process conditions on 
hydrogen production, which may be needed during integration of additional unit operations along 
with MEC in the biorefinery.   
 
2.1.1 Natural Gas Reforming - Overview 
 A simple block diagram of the hydrogen production system (Figure 2.1) illustrates essential 
inlet and outlet streams of the reforming process.  A natural gas stream containing mostly methane 
is mixed with off-gas from the hydrocracking and hydrotreating sections of the biorefinery.  This 
new stream is then mixed with superheated steam.  This final stream of natural gas, steam, and off-
gas is then fed into a reforming reactor.  A small portion of the off-gas from hydrocracking along 
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with an inlet stream of combustion air is fed into a combustion reactor that jackets the natural gas 
reforming reactor to provide the heat needed to drive the reaction forward.  The resulting stream 
from reforming produces hydrogen gas along with other non-condensable gases and unreacted 
steam.  The hydrogen gas is fractioned off according to the hydrogen recovery specified in the 
PNNL report (85%) and remaining vapors are recycled to the combustor.  The combustor effluent 
serves as a heat source for various intersecting streams within the hydrogen production system to 
recover the heat.  The exhaust is ultimately released to the atmosphere and is the only waste stream 
in the process. 
 
 
Figure 2.1. Simple block diagram of the hydrogen production system 
 
2.1.2 Natural Gas Reforming - Detailed Description 
The process begins with off-gas from an upstream pyrolysis process (Stream 170) and a 
downstream hydrocracking process (Stream 600) entering the hydrogen production section of the 
biorefinery [The stream numbers used in this thesis are the same as that used in PNNL report, to 
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the extent possible, to allow direct comparison of the results with those in the report]. The off-gas 
from pyrolysis consists mostly of CO and CO₂ while the hydrocracking off-gas contains additional 
non-condensable gases (CH₄, C₂H₄, C₃H₈, C₄H₁₀, and C₅H₁₂).  The off-gas from hydrocracking 
is split and the larger portion is mixed with the pyrolysis off-gas and then compressed to be sent 
to the reformer (Stream 609).  This compressed gas is also mixed with a natural gas feed (Stream 
650) that serves to supplement the NCG for hydrogen production to meet the hydrogen demand 
for the plant (44.5 MMscfd, 9841 lb/hr) (Jones et al., 2013).   The supplemental natural gas feed 
stream is mostly methane gas (87.8 wt %).  The natural gas/off-gas mixture together generates 
hydrogen in the baseline biorefinery process.  A full process flow diagram can be found in the 
Appendix Figure A1. 
The natural gas/off-gas mixture (Stream 651) is then mixed further with a portion of 
superheated steam (Stream S3) that is a fed from the plant’s steam drum (via Stream 730).  Prior 
to mixing with the natural gas/off-gas mixture, the superheated steam is split where a larger portion 
is recycled back to the steam driver. 
 
 
Figure 2.2. Process flow diagram of combustion reactor feeds 
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The only remaining feed to the hydrogen production section of the biorefinery is an inlet 
air stream (Stream 610) that serves to support a combustion reaction downstream.  This air is 
pressurized before entering a heat exchanger to preheat the air using heat from the combustor 
exhaust.  The smaller portion of the hydrocracking off-gas split (Stream 601) also enters the 
combustor along with a recycled NCG stream (Stream 682) from a downstream pressure swing 
adsorption process, see Figure 2.2 above. 
The combustion reactor essentially serves as a heat catalyst to drive the natural gas 
reforming reaction where the reformer reactor (R-600) is effectively jacketed by the combustor 
(B8) by an outlet heat stream (S2) leaving B8 and entering R-600.  Before entering the reformer, 
the natural gas/off-gas/superheated steam mixture (Stream S10) is heated by the exhaust of the 
combustion reaction to pre-heat it to bring it closer to the reaction temperature.   
The combustor is modeled as a Gibbs reactor that requires a high temperature and pressure 
(1800˚F and 15 psia) along with a list of specified products with the valid phases of each.  Possible 
products must be specified when using a Gibbs reactor.  Its reactants are based on the inlet stream 
composition.  Setting the calculation type to “calculate phase equilibrium and chemical 
equilibrium” allows Aspen to generate the stoichiometry.  Additionally, this is the exact technique 
used in PNNL and resulted in nearly the exact same outlet (Stream 667) composition.  The list of 
products specified were based upon the products found in the exhaust stream in the PNNL report 
(water, hydrogen, nitrogen, carbon monoxide, carbon dioxide, methane, and hydrogen sulfide). 
The reaction temperature was set based on a specified burner temperature as described in 
the PNNL report.  The reaction pressure was implicitly specified as “slightly positive” in the report 




Figure 2.3. Process flow diagram of combustion exhaust heat recovery 
 
The products of this exothermic, combustion reaction reach a temperature of 1800˚F, which 
leaves the reactor as exhaust, and is used as a source of heat, as described earlier, see Figure 2.3 
above.  A simulation of the heat exchangers needed was modeled such that the heat transfer to 
these streams was in an order that allows for its gradual temperature reduction.  Thus, the order in 
which heat is recovered with the intersecting streams begins with the highest temperature stream 
(natural gas/off-gas mixture) and ends with the intersecting stream with the lowest inlet 
temperature (compressed air).  This allows a reasonable temperature exchange between the 
combustion exhaust and intersecting streams by maintaining a T of at least 20°F, otherwise 
known as the minimum approach temperature. 
 For designing each heat exchanger within the exhaust heat recovery system, the cold stream 
(intersecting streams) outlet temperature was specified with the exception of the exchanger fed 
with saturated liquid water (Stream 721).  In this heat exchanger, the hot stream (exhaust) outlet 
temperature was specified such that the exhaust temperature could reach its lowest possible value 
to avoid temperature crossover and to maintain the temperature and pressure of the saturated liquid.  
Each model fidelity was selected as “short cut” and the short cut flow direction was selected as 
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“countercurrent”.  After the fourth and final heat exchanger (E4), the resulting stream (Stream 
S22) is slightly pressurized to enable its release into the atmosphere (Stream 630). 
 The reformer (R-600) is modeled as a Gibbs reactor as well.  Phase equilibrium and 
chemical equilibrium were calculated based on the operating temperature and pressure, 1562˚F 
and 314 psia.  The heat duty was specified based on the heat stream (S2) leaving the combustion 
reactor and entering the reformer.  This unit operation was set to identify possible products (water, 
hydrogen, nitrogen, carbon monoxide, carbon dioxide, methane, and hydrogen sulfide), (Stream 
667).  Conversion of hydrogen sulfide was not modeled in our process, to keep it simple.  A pre-
reformer hydrodesulfurization step is used to remove it prior to the steam reformer in the PNNL 
process.  Aspen Plus is capable of determining products based on this information and physical 
properties specified alone, though for the sake of clarity the reactions of the components that are 
largely converted are included below (Table 2.1). 
 
Table 2.1: Gases converted via combustion and conversion reactions for 
catalyzing reformer 
Rxn No. Gas Converted Stoichiometry 
1 Methane CH₄    + H₂O  → CO   + 3H₂ 
2 Ethane C₂H₆  + 2H₂O → 2CO + 5H₂ 
3 Propane C₃H₈  + 3H₂O → 3CO + 8H₂ 
4 N-Butane C₄H₁₀ + 4H₂O → 4CO + 9H₂ 




A series of boiler feed water streams (Streams 706, 752, and 752-0) from the steam driver 
section of the biorefinery are used as a heat recovery agent via three separate heat exchangers (E-
674, E-676, and E-670), see Figure 2.4 below.   
 
 
Figure 2.4. Process flow diagram of heat recovery from reformer 
 
The reformer products (Stream 667) exit the reactor and as much heat from this stream is 
recovered as possible by an inlet of boiler feed water (Stream 752-0) prior to entering the water-
gas shift reactor (R-675).  Here, the water-gas shift reactor serves to maximize hydrogen 
productivity by converting the remaining steam from the reforming reaction into hydrogen as seen 
in the reaction below.   
 




R-675 was also modeled as a Gibbs reactor and was operated at 675˚F and 300 psia.  The 
above reaction stoichiometry was specified as the only reaction occurring within the vessel.  The 
boiler feed water (Stream 752) then further cools the resulting products (Stream 672).  The 
products are then cooled to 250˚F by a heat exchanger modeled as a heater (E-677) before final 
separation.  Finally, the remaining vapor is fed into a flash drums and a separator (B11 and PSA) 
that function to recover pure hydrogen.  Subsequently, a liquid stream from B11 (Stream 681) is 
sent to the stream driver and a liquid stream from PSA (Stream 682) is recycled back into the 
combustion reactor.  The pure hydrogen (Streams 250 and 532) is sent to the hydrotreating and 
hydrocracking sections of the biorefinery, respectively. 
 
2.1.3 Off-Gas Reforming 
When considering simulating hydrogen production without supplemental natural gas, the 
process flow diagram is the same but with one exception.  Stream 650 (natural gas) is omitted, 
thus Stream 609 (pyrolysis vapor/hydrocracking off-gas split) alone is mixed with the superheated 
steam (Stream S3).  Adjustment of the inlet conditions were made to adjust the steam to natural 
gas ratio and other parameters resulting from natural gas minimization in the reformer. These 
effects and ratios are discussed in Section 2.2. 
 
2.2 Results 
2.2.1 Comparison of SMR Simulation Results with PNNL Report 
 A comparison of the simulation results with those from the PNNL report serves to 
determine the accuracy of our natural gas steam reforming process.  It also provides an informative 
look at how our off-gas steam reforming process effects overall hydrogen production.  The most 
26 
 
noticeable differences were seen in the combustion exhaust section of both simulated processes 
and a decrease in overall hydrogen gas production in the off-gas steam reforming process.  Both 
of these results were expected.  The former was due to the elimination of sulfide hydrotreater prior 
to the reformer and the latter was due to reduction in substrate for the reforming reaction. 
In the PNNL report, after the water-gas shift and pressure swing adsorption in the hydrogen 
production plant (Stream 690), a total of 9,841 lb/hr of hydrogen gas is produced.  About 8,846 
lb/hr (90%) is portioned to the hydrotreating section (Stream 250) of the plant and 995 lb/hr (10%) 
to the hydrocracking section (Stream 532).  The natural gas reforming simulation resulted in a 
hydrogen production rate of 9,900 lb/hr (0.60% error).  This difference is mostly likely attributed 
to rounding errors for input data (PNNL report component mass flow rates, temperatures, and 
pressures are rounded to the nearest whole number and were used for input stream specifications).  
Regardless, this hydrogen production rate exceeds overall demand for the biorefinery of 44.5 
MMscfd (9,841 lb/hr).  The off-gas reforming simulation resulted in a hydrogen production rate 
of 8,176 lb/hr, 83.0% of hydrogen demand.   
 Beyond matching the amount of hydrogen produced, it was also important to verify certain 
ratios to ascertain that the stoichiometry of the reforming reaction was maintained.  These 
consisted of the oxygen to fuel ratio in the combustion chamber, the substrate (natural gas and/or 
off-gas) to steam ratio, the hydrogen to steam ratio, and the steam in to steam out ratio.  The O₂ to 
fuel ratio is of particular importance because it a way of determining how much oxygen is being 
converted in the combustor for generating heat.  Table 2.6 shows a comparison of the ratios from 


















O₂ in Exhaust/ O₂ in Air Inlet 0.079 0.089 0.326 0.173 
Gas In/Steam In 0.505 0.505 0.433 0.520 
H2 Out/Steam In 0.101 0.101 0.084 0.096 
Steam Out/Steam In 0.494 0.493 0.580 0.523 
 
The O₂ in exhaust to O₂ in air inlet ratio differs from the PNNL report in the natural gas 
steam reforming simulation showing a slightly higher value.  This is most likely due to a marginal 
difference in the composition of the recycled NCG stream from PSA (Stream 682) to the 
combustor.  The combustor, modeled as a Gibbs reactor, calculates the chemical and phase 
equilibrium based on feed information, thus a difference in reactant composition results in a 
difference in product composition.  The PNNL report showed total steam consumption (steam out 
to steam in) after reforming and the water-gas shift to be 49.4%; this matched the natural gas steam 
reforming simulation.   
Naturally, for the simulation with the minimization of natural gas from the process, these 
ratios differ significantly.  There was a 15% decrease in enthalpy added to the system by the 
minimization of natural gas.  Reducing the flow rate of all other reactants (steam to reformer, air 
to combustor, and off-gas to combustor) in the off-gas steam reforming simulation by 15% was 
done to adjust for this change in the process design and meet the above ratios.  As the results show, 
this adjustment decreased the margin of error for each ratio by about 11% excluding the O₂ in 
exhaust to O₂ in air inlet ratio which decreased by 194%.  The drastic decrease of the latter error 
is again do Stream 682; the error for the off-gas steam reforming process is quite high due to this 
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stream being even more different in composition than in the natural gas steam reforming process.  
Thus, after the adjustment there is a significant change in the ratio. 
 Results for the combustion exhaust vent obtained using the model differ from those 
reported in the PNNL report notably in the exit temperature.  The PNNL report gives an exit vent 
temperature of 324˚F while the results of the simulation found the temperature to be 528˚F and 
527˚F, for the natural gas steam reforming and the off-gas steam reforming processes, respectively.  
This may be due to a combination of design differences.  The pre-reformer and hydro-
desulfurization reactors may remove heat from the incoming natural gas and off-gas streams to 
some capacity since they are both endothermic reactions.  In our simulations, the natural gas/off-
gas and off-gas streams (Stream S10 in both simulations) only intersect the exhaust once before 
entering the reformer and do so at a high temperature 671˚F and 708˚F, respectively.  Thus, less 
heat is removed compared to the PNNL process resulting in higher vent temperatures. 
 
2.2.2 Natural Gas and Off-Gas Steam Reforming Simulations Results 
The resulting heat duty given off by the combustion reactor in natural gas reforming  and 
off-gas reforming were simulated to be 1.33 × 108 Btu/hr and 6.61 × 107 Btu/
hr, respectively.  This is the maximum heat transfer between the combustor (jacket) and the 
reformer (reactor).  The exhaust from the combustion reaction exits the system, but not before 
exchanging heat with intersecting streams within the hydrogen production system.  The order in 
which these streams recover heat (see Table 2.2 and 2.3 below) is important due to the exhaust 
progressively cooling before exiting the system (Stream 630).  Thus, appropriately, a series of heat 
exchangers are used to model the exchange of heat between intersecting streams (cold streams) 
and the progressive cool down of the exhaust. 
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1 E1-B20 671 1110 1800 1464 
2 E2-B15 499 750 1464 1169 
3 E3-B22 496 496 1169 517 
4 E4 124 140 517 507 
 













1 E1-B20 708 1110 1800 1495 
2 E2-B15 499 750 1495 1181 
3 E3-B22 496 496 1181 517 
4 E4 124 140 517 506 
 
 Though the final exhaust temperatures are the same, the amount of recoverable heat from 
the combustion reaction is different.  This difference comes from the recycled NCG (Stream 682) 
to the combustor having a lower flow rate in the off-gas steam reforming than in natural gas steam 
reforming.  Essentially, there is less recovered off-gas from the reforming process and thus less to 
be used in the combustor for heating.  
Naturally, there is a tradeoff in composition of the reformer feed stream between the 
simulations with and without a natural gas feed.  For the simulation with natural gas, the stream 
entering the reformer (Stream 662) is 67% steam and 8% methane, while the stream without natural 
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gas is 70% steam and 4% methane.  A breakdown of the converted components for each simulation 
can be seen below. 
 
Table 2.5. Stream 662 (Reformer Feed) mass fraction composition natural gas and off-gas 
 
Natural Gas Off-Gas 
Component Mass Fraction Mass Fraction 
Water (steam) 0.67 0.70 
Methane 0.08 0.04 
 
 With the minimization of natural gas, there is a 52.3% decrease in the amount of methane 
fed into the reforming reactor.  Hydrogen and carbon monoxide, the main products of the steam 
reforming reaction, resulted in a 17% and a 23.6% decrease in production prior to entering the 
water-gas shift reactor, respectively.  Additionally, water and carbon monoxide, the main reactants 
of the water-gas shift reaction, saw an 8% increase and 1% decrease in production, respectively. 
 
Table 2.6. Steam reformer exit stream results 
 
W/ Natural Gas Off-Gas Percent Change 
Component Mass Flow (lb/hr) Mass Flow (lb/hr) (%) 
Water (Steam) 64790.77 69942.69 8% 
Hydrogen 9783.045 8129.108 -17% 
Nitrogen 114 0 -100% 
Carbon Dioxide 32607.84 24902.57 -24% 
Carbon Monoxide 35024.86 34731.25 -1% 
Methane 4683.009 2300.906 -51% 
Hydrogen Sulfide 17.703 17.703 0% 
 
Not all of the heat from the combustor exhaust stream is recovered before exiting the 
process as waste.  Thus, considering the heat loss from the exhaust leaving the system, the overall 
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energy efficiency of the simulations were 98.4% and 97.5% for natural gas and off-gas hydrogen 
production, respectively. 
 
2.3 Differences in Design Compared to PNNL Process 
In the PNNL report, the hydrogen production system is designed specifically to meet 
demands of the overall biorefinery.  The essential purpose of the steam reformer is to utilize off-
gas from integrated sections of the overall biorefinery to produce hydrogen gas.  The more efficient 
this process is the less dependency there is on supplementary reforming gases i.e. natural gas.  
Ideally, a supplemental source of gas would not be necessary if off-gases used from within the 
overall system were capable of being reformed to sufficiently meet hydrogen demand.  Thus, 
analyzing the efficiency of the hydrogen production system from mass and energy balance data 
aids in determining if the purpose of this process is appropriately fulfilled.  At the same time, this 
sheds light on where and how deficiency in hydrogen production can be recovered.   
 The difference between the simulated model for the hydrogen production process 
compared to the PNNL report process is one of the fundamental points of this research.  The main 
difference asks the question: Can the hydrogen gas produced by the separation+MEC and the 
Quench-MEC process make up for the decrease in hydrogen production in the steam reforming 
process if the additional natural gas input is minimized?  Essentially, the off-gas steam reforming 
design does not include a supplemental natural gas stream in the steam reforming process to meet 
the hydrogen production requirements within their report.   
 The PNNL report process utilizes the exhaust vapor of the reformer heating process as 
source for heat recovery by various intersecting streams.  This process is effectively modeled using 
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a heat exchanger network where each intersecting stream is met by a heat exchanger unit operation.  











The PNNL report process flow diagram shows six streams intersecting the exhaust vent 
beginning with Stream 721 intersecting the vent and leaving as Stream 723.   Second, a stream 
leaves a pre-reformer reactor (R-660) intersects the vent, and leaves as Stream 662.  Third, a stream 
leaves a hydro-desulfurization reactor (R-610) mixed with steam then intersects the vent, and 
leaves as Stream 656.  Fourth, Stream 730 enters the process, intersects the vent, and leaves prior 
to being split.  Fifth, Stream 651 intersects the vent and leaves entering the hydro-desulfurization 
reactor.  Finally, a compressed air stream from Stream 610 intersects the vent and leaves as Stream 
611. 
The hydro-desulfurization and pre-reforming unit operations found in the PNNL report are 
omitted from the natural gas and off-gas steam reforming simulation designs as reactor coking 
issues are beyond the scope of this research.  Additionally, these operations are negligible as far 
as overall hydrogen production comparison is concerned.  The pre-reformer converts C₂+ 
compounds (ethane, propane, etc.) into methane prior to entering the main reformer while the 
hydro-desulfurization reactor removes poisonous sulfur from the incoming off-gas streams.  
Because of the absence of these reactors, the heat exchangers preceding the pre-reformer and 
hydro-desulfurization reactors found in the PNNL report are also omitted from the simulations as 
pre-heating is no longer necessary.  PSA is used in the PNNL report as a final separation of 
hydrogen from CO₂ and other unreacted products from reforming and was designed for 85% 
hydrogen recovery.  Remaining products are recycled back to the combustor to meet demands.  
This process is modeled as a flash drum to achieve the same separation since the PSA unit 







3.1 Biorefinery Feed to MEC 
Condensation or quenching of the pyrolysis vapors results in production of multiple 
streams or fractions.  One or more of these streams contain water at high concentrations making 
them primarily aqueous phase streams.  These streams are not ideal for hydrotreatment and 
production of biofuels because they contain large amount of water-soluble organic compounds 
such as short chain fatty acids, anhydrosugars, furanic compounds, ketones and other carbonyl 
compounds, which do not convert well into hydrocarbon products.  In some cases, these 
compounds can condense and form coke resulting in catalyst inactivation issues (Ortiz-toral, 
2008).  Thus, it may be beneficial to separate these compounds and not use them for fuel 
production.  Such streams are suitable for MEC since bioanode can convert the water soluble 
organic acids into electrons and generate hydrogen in cathode.  Some compounds may be 
recalcitrant or inhibitory, but majority of them are suitable for conversion in bioanode.  This was 
demonstrated by Lewis et al., recently (Lewis et al., 2015; Lewis & Borole, 2016).  The aqueous 
stream thus forms a primary stream for production of hydrogen in the MEC.  
In a lab setting, there are many things to consider when developing the MEC.  Typically, 
system design, biological, and operating parameters are the focus for development of the biological 
catalyst needed for MEC anode (Borole et al, 2011).  Many of these parameters have been 
investigated by Lewis and others demonstrating the ability of a biocatalyst to convert the aqueous 
phase into hydrogen effectively (Borole & Lewis, 2017; Lewis & Borole, 2016).  In this chapter, 
a mass and energy balance is conducted for the MEC unit operation, assuming the target 
productivity and efficiency.  Results from work conducted by Lewis and Borole suggest that such 
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performance can be achieved in the near future with further research (Borole & Lewis, 2017; Lewis 
et al., 2017) Determination of the theoretical amount of hydrogen produced by a MEC was 
calculated using the decomposition reaction chemistry of organic matter as seen in the equation 
below. 
 
𝐶𝑥𝐻𝑦𝑂𝑧  →  𝐶𝑂2 + 𝐻
+ + 𝑒−                  (Equation 3.1a) 
2𝐶𝐻2𝑂 →  2𝐶𝑂2 + 4𝐻
+ +  4𝑒−                (Equation 3.1b) 
 
The organic content of BOAP can be described by chemical oxygen demand (COD), which 
is represented as CH2O.  Equation 3.1b shows the stoichiometry for anode reaction considering 
BOAP as COD.  The PNNL report establishes a basis of 2000 metric tons per day of biomass 
feedstock.  Through a simulated fast pyrolysis model, a set of water-soluble and water-insoluble 
bio-oil compounds were predicted and model compounds were used to represent the product 
stream.  The aqueous phase served as the feedstock for the MEC  
 
 
Figure 3.1. Model compounds representing bio-oil (Jones et al., 2013) 
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The water-soluble products of pyrolysis are separated and identified as bio-oil aqueous 
phase (BOAP).  The separation process is described in detail in Chapter 4.  The aqueous phase is 
usually very concentrated and needs to be diluted to lower the concentration of phenols and furans 
below 1 g/L to minimize inhibition and avoid fermentation limitations (Zeng, Borole, & 
Pavlostathis, 2015, 2016a, 2016b; Zeng et al, 2017).  At lower concentrations, they can also serve 
as substrates within the MEC (Lewis et al. 2017). 
 
3.2 The Hydrogen Need of the Biorefinery 
 Within the biorefinery, hydrogen gas is required for upgrading bio-oil and hydrocracking.  
In the PNNL report, the source for all hydrogen production comes from steam reforming.  The 
MEC serves to provide a supplemental source of hydrogen and replaces any loss due to 
minimization of natural gas.  Thus, determining the decrease in hydrogen production by 
minimizing supplemental natural gas was informative as to exactly how much hydrogen needed to 
be produced by the MEC. 
 In the PNNL process, a total of 9,841 lb/hr of hydrogen is needed for upgrading and 
hydrogenating bio-oil.  The hydrotreating process requires nearly 9 times as much hydrogen gas 
(8,846 lb/hr) compared to the hydrocracking process (995 lb/hr).  A mass balance was conducted 
to determine the total hydrogen requirement and its production in MEC. 
 
3.3 MEC Conversion Model 
To calculate the maximum theoretical amount of hydrogen that can be produced, the 
composition and mass flow rate of organic matter fed to the MEC (BOAP) must be known and 
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then converted to a mass flow rate of hydrogen using stoichiometry with appropriate conversion 






















     (Equation 2) 
 
The hydrogen production rate required to replace natural gas is used to determine the 
minimum anode reactor volume of the MEC to achieve this production considering the desired 
target hydrogen production rate of the MEC (20 L/L-day) as mentioned before in Chapter 1.  It is 
important to make a note on the “hydrogen production rates” used in this study.  Total production 
rate as well as specific production rates are used for describing hydrogen production in the MEC 
and in the biorefinery.  Hydrogen production rates for MECs are usually represented as specific 
rates with respect to volume, in the units of L/L-day or m³/m³-day; this implies the liters of 
hydrogen produced per liter of anode volume per day.  Hydrogen production for a process in the 
biorefinery, in this case steam reforming or the MEC generating additional hydrogen, is typically 
represented in a mass (lb/hr, g/day) or volumetric flow rate (m³/day, L/day). The following 








] = [𝐿 𝑎𝑛𝑜𝑑𝑒]           (Equation 3) 
 
3.3.1 Effect of Feedstock Composition on Hydrogen Production 
If the production rate of hydrogen is known, the amount of BOAP required to produce the 
hydrogen can be estimated.  In this case, for a 2,000 ton per day biorefinery, the hydrogen 
production rate using MEC needs to be 1,7231,216 lb/hr.  The method to determine the amount of 
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feedstock required is described here.  The BOAP substrate contains several classes of compounds. 
These compounds are modeled using specific model compounds shown in Table 3.1.  The first 
step is to develop the stoichiometry for the conversion reaction.  This is based on the half reaction 
shown in Equation 3.1.  The other half reaction, which occurs at the cathode, consists of two moles 
of protons reacting with two moles of electrons generating hydrogen molecule (Equation 3.4).  
 
4𝐻+ + 4𝑒− → 2𝐻2
         (Equation 3.4) 
 
The results of this calculation are shown in Appendix Table A1. The proportion of each 
class of compound is necessary to calculate the total hydrogen production.  In this example, the 
substrate distribution is based on PNNL report.  The stream generated after pyrolysis vapor 
quenching in column 2 is used as the feedstock for MEC.  The mass flow rate of BOAP to the 
MEC ultimately is the variable that dictates the amount of hydrogen produced.  The summation of 
the hydrogen production rates of each individual component of the BOAP is used to determine the 
































1               (Equation 5) 
 
3.3.2 Effect of Efficiency on Hydrogen Production 
The second parameter to be applied for determining production of hydrogen is the process 
efficiency. This consists of three components: biodegradability, anode Coulombic efficiency and 
cathode conversion efficiency.  Total efficiency (ƞ) is representative of the three efficiencies.  An 
40 
 
example of target efficiencies is given below, however, a range of efficiencies were evaluated to 
determine practical feasibility.  A baseline biodegradability of 70% was assumed, the anode 
Coulombic efficiency was assumed to be 75%, and the cathode conversion efficiency was assumed 
to be 85%.  The total efficiency, using these individual efficiencies, comes out to be 44.6%.  These 
efficiencies are partly based on the results obtained experimentally by Lewis et al., at low OLRs ( 
Borole & Lewis, 2017; Lewis et al., 2015).  However, the data had to be further extrapolated to 
higher flow rates and additional assumptions were made regarding the technological advances in 
MEC technology.  In Equation 5, N represents the number of BOAP compounds being converted 
to hydrogen.  The model was developed in Excel and the total hydrogen production was determined 
for a given set of feedstock and efficiency conditions.   
 
3.4. Techno-Economic Analysis Model 
In addition to the MEC, a few other supporting unit operations are needed for separation 
of the effluent from the anode and its recycle and reuse to enable a continuous process. A process 
model was developed in Aspen Plus using all the accessories needed. The supporting unit 
operations are shown in Figure 3.2. The anode effluent contains carbon dioxide generated during 
the exoelectrogenic conversion process as described by equation 3.1. The bio-oil organic 
compounds dissolved in the aqueous phase are represented by a generic formula for chemical 
oxygen demand (COD), which is easier to measure for the BOAP stream (Tomasini et al., 2014; 
Lewis et al., 2017).  
Carbon dioxide is the primary dissolved gaseous component, which needs to be separated 
post-MEC.  Thus, one of the operations in the MEC system is a gas separator or a degassing unit. 
A splitter is included in the anode stream to allow separation into two fractions, so part of the 
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aqueous stream is bled off, while the major portion of the aqueous stream is recycled. A 
recirculation tank is included for equilibration of liquid streams coming from recycle and the 
separator.  This tank also serves as a pH monitoring and control point for the liquid entering the 
MEC.  A filtration unit is included to remove particulate biomass in the MEC effluent, resulting 
from sloughing of the biofilm and growth of planktonic cells in the MEC.  The hydrogen produced 
at the cathode is essentially the only product gas, although methane can also be generated in MEC 
anode and then transferred to the cathode.  Presence of methane in the gas stream is not considered 
a problem for in-house biorefinery utilization of the gas stream; therefore, no further purification 
of the cathode gas stream is included.  It is expected to contain nitrogen, which will be used in the 
cathode periodically during maintenance, etc. as well as during start-up to make the cathode 
anaerobic.  A gas compressor is included in the process flow diagram for compression of the 
gaseous product for storage and subsequent use.  
 
 




3.4.1 Electrochemical Control System 
In addition to the hydraulic control of the MEC system shown in Figure 3.2, an 
electrochemical control system is needed to manage the electrical operation of the MEC.  This 
primarily includes devices for potential control of the MEC and to enable efficient power 
management.  Either a potentiostat or a power source is needed to supply the necessary voltage for 
operation of the MEC.  The system needs to supply between 0.6 to 1.2 volts of electrical energy to 
the MEC.  The electrical and hydraulic connections for a large-scale hydrogen production system 
will be determined by the characteristics of the liquid feedstock and the electrochemical losses of 
the specific system, however, in most cases, a stack of MECs is expected to be connected in series 
or parallel.  The design case considered here assumes an average capital cost of $2000/m3 for the 
MEC, which may be either parallel plate or tubular configuration arranged in a stack. A sensitivity 
analysis is conducted to understand the effect of MEC capital costs. The electrical system includes 
the cost of power transformer, rectifier and power installations necessary to control the complete 
MEC system, similar to that used by Escapa et al. (Escapa et al., 2012). 
 
3.4.2 MEC Operation and Performance Specifications 
A number of process parameters need to be controlled for optimal operation and 
performance of an MEC.  Table 3.2 lists a range of values for important parameters related to MEC 
operation.  Applied voltage, organic loading rate, flow rate/hydraulic retention time and pH are the 
key parameters considered in this study.  The organic loading rate (OLR) is the g COD fed into 
the reactor per liter of reactor per day.  Typical OLRs used in MEC investigations are in the range 
of 1-5 g/L-day, however, higher OLR up to 20 g/L-day is considered here, since high loading rates 
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will be necessary to achieve practical productivities of hydrogen.  Furthermore carrying this 
parameter is possible which will allow examination of the effects of OLR on the economic 
feasibility.  Such higher OLRs have been investigated recently by Lewis et al., for conversion of 
biorefinery streams in MEC (Borole & Lewis, 2017; Lewis & Borole, 2016).  Typical hydraulic 
retention time (HRT) for MECs range from several minutes to hours (Gil-Carrera et al., 2013; 
Lewis & Borole, 2016), however, lower retention time and higher flow rates have certain 
advantages in terms of the current densities generated in the bioanode (Pham et al., 2008).  
For complex organic material such as that present in biorefinery streams, the efficiency of 
substrate utilization can make a significant difference in the yield of the MEC.  A range of 
parameters describing substrate utilization or biodegradability, anode coulombic efficiency and 
cathode conversion efficiency are shown in Table 3.2.  Overall substrate to hydrogen conversion 
efficiency of 30-50% are investigated.  A bio-oil aqueous phase COD conversion of up to 75% has 
been reported. Likewise, an anode coulombic efficiency in the range 50-80% and a cathode 
efficiency in the range of 90-100% has been reported Lewis et al., 2015.  Typical hydrogen 
productivities for MEC range from 1-3 L-H2/L-reactor-day Logan et al., 2008.  Higher 
productivities are also considered for investigating economic feasibility, since recent experimental 
results have shown a hydrogen productivity of 11.7 L/L-day using switchgrass-derived BOAP 







Table 3.1 MEC operating and performance parameters 
Parameter Value 
m³ H₂/day 208,689 
H₂ productivity, m³/m³-day 1-20 
Current density, A/m² 1-25 
Anode CE 62.2 ± 30% 
Cathode conversion efficiency (CCE) 80 ± 15% 
Substrate loading rate, g/L-day 1-20 
Substrate utilization, % 60 ± 30% 
 
3.4.3 Biorefinery Process Analysis 
The report used as the baseline biorefinery process converts 2000 tons per day of biomass into 
biofuel.  The techno-economic feasibility of providing hydrogen to this process via MEC using 
bio-oil aqueous phase as the feedstock to replace the natural gas derived hydrogen is the basis of 
this analysis.  This amounts to 208,689 m³/day (1,723 lb/hr) of hydrogen.  Thus, the economics of 
producing 1,723 lb/hr of hydrogen is assessed here.  
Besides the MEC costs, the cost of supporting equipment including pumps, tanks, compressors, 
filters, hydrogen storage tanks, etc. were determined using Aspen Plus costing software.  Estimates 
for the cost of electrochemical equipment needed for MEC operation were based on Escapa et al. 
(Escapa et al., 2012).  This included power transformers, rectifiers, and other power installations.  
A scaling factor based on total MEC volume was used to determine the costs for the biorefinery 
process.  Costs for sludge removal and disposal were also included using the same method based 
on Escapa et al.  A 45% indirect cost was applied to the total equipment cost.  The operating cost 
included labor, maintenance, training, insurance and sludge disposal.  The largest component of 
the operating cost was the electricity for MEC operation.  This was calculated using the current 
produced in the MEC and an applied voltage of 0.8 V.  Feedstock cost was considered, however, 
since the compounds removed by MEC are considered as waste and may carry a negative value, 
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the baseline analysis assumed zero cost for the feedstock.  The sensitivity analysis, however, 
considered a price ranging from zero to the full cost of the biomass feedstock ($ 85.45/dry ton 
biomass) for the feed stream COD used in MEC.  For the economic analysis, a 40% equity was 
used with an 8% interest for the remaining 60% loan amount. The term for the loan was 10 years. 
The estimates calculated are for an nth plant, assuming that the technology is mature and several 
plants have been built already and are operating.  A working capital of 5% and an income tax rate 
of 35% were used.  A 7-years modified accelerated cost recovery system (MACRS) depreciation 
method was used for the general plant.  An on-stream factor of 90% was used.  The construction 
period was assumed to be 3 years (8% Year 1, 60% Year 2, 32% year 3) with 6 months start-up 
period and 50% revenue during start-up period.  The assumptions for nth plant estimation were 
similar to that used for biorefinery process designs developed previously (Jones et al., 2013).  The 
mass balance was conducted using Excel and the model for cost estimation was also created in 
Excel, using the individual equipment costs derived from Aspen Plus and previously published 










3.5 Results and Discussion 
Results from these calculations of the specified BOAP hydrogen production rates can be 
seen below in Table 3.1. 
 








Crotonic acid  Acids CROTO-01 1.50 
1,4-Benzenediol Alcohols P-HYD-01 2.76 
Hydroxyacetone (Acetol) Ketones ACETO-01 2.80 
3-Methoxy-4-Hydroxybenzaldehyde 
(Vanillin) 
Aldehydes VANIL-01 5.36 
Isoeugenol Guaiacols ISOEU-01 2.43 
Levoglucosan Low MW sugars LEVOG-01 0.80 
Cellobiose High MW sugars CELLO-01 4.31   
Total 19.97 
 
Based on these calculations, replacing 100% of the make-up natural gas for steam 
reforming to satisfy hydrogen production demands for the biorefinery requires a BOAP mass flow 
rate of 23,057 lb/hr.  Additionally, a total efficiency of roughly 44.6% must be achieved by the 
MEC to achieve a production the desired hydrogen production rate for economic feasibility. 
Based on the comparison of results between the natural gas and off-gas steam reforming 
simulations, the amount of hydrogen produced from natural gas is 1,723 lb/hr.  Thus, this is the 
amount of hydrogen the MEC must produce to meet the demands of the biorefinery.   
These calculations were carried out using Excel while a model for the MEC process to 
generate hydrogen along with the necessary peripheral unit operations was simulated in Aspen 
Plus.  The two models serve different purposes for the scope of this study.  The Excel modeled 
MEC provides a reactor volume based on a desired hydrogen production rate of 20 L/L-day, 
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current estimated MEC price calculations, and component chemistry (Borole, 2015; Sleutels et al., 
2012).  The Aspen modeled MEC acts as a simulated placeholder for the integration of a MEC in 
the context of a full biorefinery and is modeled as a stoichiometric reactor.  Furthermore, the Excel 
model provides more accurate costing information as Aspen cannot simulate the many unique 
aspects of a MEC.  However, the Aspen model does allow for the consideration of the upstream 
and downstream unit operations that would be necessary within the context of biorefinery 
integration.  From the Excel model, the Aspen model can be designed such that the exact amount 
of BOAP is portioned to the MEC to achieve a hydrogen production rate of 20 L/L-day and provide 
sufficient make-up hydrogen for the minimization of natural gas in SMR.  Due to this, the MEC 
Aspen model will be discussed further in Chapter 4, as it is a downstream process of bio-oil 
separation. 
 
3.5.1 Mass Balance for Hydrogen Production 
A feasibility analysis is conducted for integration of microbial electrolysis unit operation 
into a biorefinery generating hydrocarbon fuels from lignocellulosic biomass.  A process design 
report generated by PNNL is considered as the baseline biorefinery process.  To meet the hydrogen 
demand of the biorefinery process, a total hydrogen supply of 44.5 MMscf/day is required. In the 
process modelled by PNNL, this is partly supported by the biomass-derived off-gas and partly by 
external natural gas.  The analysis conducted here targets hydrogen production from bio-oil 
aqueous phase rich in carbonyl compounds such as carboxylic acids, ketones, aldehydes as well as 
furanic compounds present in the quench stream from second column used to cool pyrolysis vapors 
(Jones et al., 2013).  This is amended with a small fraction of the quench stream from first column 
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to achieve a target rate of hydrogen generation of 1,723 lb/hr.  Ultimately, the remaining 
compounds are either recycled back to the quench system or sent to hydrodeoxygenation. 
 
 
Figure 3.3. Detailed flow sheet of the hydrogen production system integrated with the 
quench columns 
 
The major portion of the quench stream from column 1 (bio-oil) is used for production of 
hydrocarbon fuels.  A detailed flowsheet of the hydrogen production system integrated with the 
quench columns is shown in Figure 3.3.  The mixture used for hydrogen production is termed as 
bio-oil aqueous phase, since it is a dilute aqueous phase containing water-soluble components of 
bio-oil.  The hydrogen production rate factors in the inefficiencies of the MEC and the associated 
unit operations to derive the total substrate needed.  A substrate to hydrogen conversion efficiency, 
i.e., hydrogen recovery of 45 % is used.  This includes the anode Coulombic efficiency (CE) and 
the cathode conversion efficiency (CCE).  A range of efficiencies are considered as stated in Table 
3.1, however, a CE of 75% and a CCE of 85% are assumed as tentative targets.  Additionally, a 
baseline biodegradability of 70% is used.  Thus, to achieve the target hydrogen production rate, an 
organic loading rate of 8.02 g/L-day is needed.  
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Since the BOAP stream contains some inhibitory compounds, controlling the feed 
concentration of BOAP in the MEC influent is necessary. This is achieved via utilization of a 
recirculation loop for the MEC system (Figure 3.2).  The PNNL biorefinery process design already 
consists of two recirculation loops, one for the Quench column 1 and the other for Quench column 
2.  The latter has negligible amount of phenolic compounds.  Use of this stream as the feed to the 
MEC allows utilization of the carbonyl compounds present in this stream for hydrogen production.  
Additionally, supplementation of a portion of the recycle stream from Quench column 1 into this 
stream enables the necessary carbon to be delivered to the MEC for hydrogen production.  The 
resulting concentration of the phenolic compounds in the combined stream is about 1.2 g/L.  The 
concentration of mixed phenols at which inhibition occurs has been reported previously and 
increases with concentration above 0.8 g/L (Zeng et al., 2016).  Thus, a 5.0% dilution is necessary 
to minimize inhibition.  This was done by increasing the flow of the recycle loop by 5.0%, enabling 
inclusion of the MEC system in this recycle loop. 
 
3.5.2 MEC Process Cost Estimation 
Based on the integration of the MEC in the biorefinery flow sheet, the additional cost of 
the complete MEC system was derived. The cost of the quench columns is not included in this 
analysis, since it is already part of the process design used to generate biofuel. Table 3.3 shows 






Table 3.3. Capital investment costs for MEC system for the baseline case 
MEC reactor costs  




 Heat Exchanger $ 700,600 
Feed Pump for MEC $ 4,800 
Carbon dioxide Separator/Flash Vessel  $ 80,400 
Recirculation Pump $ 4,700 
Hydrogen Compressor $ 1,509,500 
Hydrogen Storage tank $ 559,421 
Sludge Pump $ 175,910 
  
Electrochemical and Power 
Equipment 
 
 Power Transformer, Rectifier, Power 
Management 
$ 496,170 
Total Equipment Cost  $ 39,196,127 
Total Capital Investment  $ 78,579,691 
 
The operating costs were determined to be $19,017,752. A significant portion of this cost 
was associated with electricity for the MEC operation.  This baseline case does not include 
substrate cost, which can be as much as $12,371,911 if full cost for biomass COD that is used for 
hydrogen production from BOAP is applied.  The effect of this parameter is included in the 
sensitivity analysis.  
 
3.5.3 Minimum Hydrogen Selling Price 
Based on the parameters described in the method section, a minimal hydrogen selling 
price (MHSP) of $3.35/kg-H₂ was determined for the base case.  Several parameters can affect 
this price.  A sensitivity analysis was conducted to determine the effect of the major parameters 




Figure 3.4 Sensitivity analysis for minimum hydrogen selling price 
 
 The MEC was designed to produce 208,689 m³-H₂/day (make-up hydrogen) with a 
hydrogen productivity of 20 L/L-day.  At these demands, a maximum current density of 44.61 A/m² 
can be achieved at maximum efficiency; however, based on the practical limitations previously 
stated regarding biodegradability, Coulombic efficiency, and cathode conversion efficiency, a 










Two process options were mentioned in Chapter 1 (Section 1.6) describing the 
condensation of pyrolysis oil vapors and their separation to form bio-oil.  Depending on the number 
of steps, two or more streams can be generated and the combination of the fractions is called bio-
oil as a whole.  This chapter discusses two different separation processes, which generate a stream 
suitable for use in MEC and integration of the separation and MEC schemes to generate hydrogen 
and an organic bio-oil stream. 
 
4.1 Pyrolysis Oil Vapor Quenching Process Design 
 The physical and chemical properties of pyrolysis vapors dictate the design of the bio-oil 
separation.  The pyrolysis vapor quenching process serves to cool the vapors using water as a heat 
sink and generate an aqueous phase (BOAP) to be fed into the MEC.  Figure 4.1 shows a simple 
block diagram of the Quench process.  Prior to entering the Quench column, the pyrolysis vapors 
are sent to a cyclone separator to remove particulate matter. 
 
 
Figure 4.1. Simple block diagram of pyrolysis oil vapor quenching process 
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The quenching process separates the pyrolysis vapor into liquid (bio-oil) and vapor phases 
where the vapor is sent to a secondary quench column for further separation. The bio-oil is pumped 
into an air-cooled heat exchanger for cooling and then split into three streams: feed to hydrotreater, 
feed to MEC, and a recycle stream back to the first quench column.  Almost all of the bio-oil is 
recycled back to the first quench column so that the entering pyrolysis vapor can be reasonably 
condensed given its high temperature (813˚F) and mass flow rate.   The vapor sent to the secondary 
quench column is separated into remaining bio-oil and NCG (off-gas for steam reforming).  All of 
this bio-oil is mixed with the bio-oil stream split from the first quench column.  A simple process 
flow diagram of the of pyrolysis oil vapor quenching can be seen in Figure 4.2 below. 
 
 
Figure 4.2. Simple process flow diagram of pyrolysis oil vapor quenching 
 
4.2 MEC Aspen Model Process Design 
To achieve a phenol and furan compound concentration near 1 g/L, a dilution stream is 
mixed with the bio-oil streams from each quench column.  This is required do to the inhibitory 
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nature of these compounds as discussed in Chapter 3.  The combination of these streams is cooled 
to room temperature before entering the MEC reactor.  Cooling is crucial since the bio-oil entering 
this section of the design is at a temperature too high for the bacteria to make the conversion 
efficiently, let alone survive.  A simple process flow diagram of the MEC Aspen model can be 
seen below in Figure 4.3. 
 
 
Figure 4.3. Simple process flow diagram of MEC Aspen model 
 
Here, the MEC reactor is placed simply as a means of bio-oil conversion to further assess 
its integration into the baseline biorefinery process.  It is specifically designed within this 
simulation to produce the exact amount of hydrogen needed to make up for natural gas 
minimization in steam reforming.  The reactor converts components within the incoming bio-oil 
stream (crotonic acid, 1,4-benzenediol, acetol, vanillin, isoeugenol, levoglucosan, cellobiose) into 
carbon dioxide and hydrogen gas.  The MEC reactor is modeled as a stoichiometric reactor 
requiring a reaction temperature (86˚F), pressure (14.7 psia), stoichiometry, and fractional 
conversion.   The fractional conversion of each substrate was set at 45% (total efficiency).  From 
there, the hydrogen gas is be separated from the remaining unconverted bio-oil via a flash drum.  
Meanwhile, 5% of the remaining stream exits as wastewater and the other 95% enters a flash drum 
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separating bio-oil from NCG (to the atmosphere).  This remaining unconverted bio-oil stream is 
split 9:1 such that the smaller portion is recycled back the MEC and the larger portion is recycled 
back to the second quench column.  The ratio for the wastewater split is set so that the additional 
water added to the system not found in the PNNL report (pyrolysis oil cooling/quenching water) 
is removed.  The flash drum after the MEC merely functions to simulate the separation of hydrogen 
from other products.  Within a practical MEC, hydrogen is produced in the cathode, thus it would 
already be separated from any non-converted reactants in the anode.  The splitter after this flash 
drum serves a similar purpose, simulating the removal water from the anode. 
 
4.3 Quench-MEC System Results 
 Water-soluble bio-oil from the pyrolysis oil vapor quenching process is fed to the simulated 
MEC system at flow rate of 23,057 lb/hr.  To dilute the isoeugenol (phenolic compound) within 
this feed to 1 g/L, a minimum dilution flow rate of  3.4 × 104 lb/hr is required.  The simulated 
MEC produces 1,768 lb/hr of hydrogen.  This value is on target with the hydrogen production 
needed for making up for natural gas minimization in steam reforming.  As a result of the MEC 
recirculation loop and the fractional conversion set in the MEC reactor, 51.6% of unreacted bio-
oil is recycled back to the second quench column. 
  
4.4 Stage Fractionation 
4.4.1 Pollard Process Design 
The simulated design is based on the fractionating bio-oil recovery system developed at 
Iowa State University’s BioCentury Research Farm (Pollard et al., 2012).  Their design is based 
on many practical assumptions, the most pertinent of which will be discuss here.  Firstly, their 
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design was created considering that fast pyrolysis creates vapors and aerosols, where vapors are 
assumed to be carbohydrate polymers and aerosols are non-volatile, lignin-derived oligomers. 
Essentially, condenser stages were designed to recover vapors based on their dew point 
temperatures and electrostatic precipitators (ESP) to recover aerosols, see figure below.  Because 
of this approach the temperature of the vapor going from condenser to ESP decreases as well as 
the bio-oil exiting each respective unit. 
 
 
Figure 4.4. Bio-oil stage fractionation process flow diagram (Pollard et al., 2012) 
 
Figure 4.1 shows a flow diagram of the bio-oil collection process along with relevant 
upstream processes.  First, a continuous stream of biomass feedstock (in this case red oak) enters 
a gravimetric feeder connected in conjunction with a fluidized bed pyrolyzer.  In this section, the 
biomass is reduced from the original solid structure matter to a more granular mixture before being 
fluidized.  At 500˚C, the mixture is fluidized in the fast pyrolysis reactor and purged with nitrogen.  
The resulting exit stream is a high temperature pyrolysis vapor, aerosol, and solid mixture.  Due 
to the catalytic effects solids have on the bio-oil downstream and potential equipment damage 
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(blockage, erosion, etc.), they are removed by a series of two cyclone filters before entering the 
fractionation process. 
From there, the bio-oil enters the first condenser, a shell-and-tube heat exchanger where 
the pyrolysis vapors enter on the tube side and the coolant on the shell side.  The coolant water 
used in the heat exchanger is fed at 85˚C which allowed the now condensed bio-oil flow by gravity 
to the collection pot at the bottom of the condenser and exit as SF1 (Pollard et al., 2012).  The 
remaining vapor leaves the first condenser at 102˚C and enters the first ESP where aerosols from 
pyrolysis and the first heat exchanger are removed.  This ESP is operated at 129˚C to prevent 
condensation of remaining vapors.  The two proceeding heat exchangers and ESP are operated in 
such a way to achieve a desired separation. 
Theoretically, the “heavy ends” are separated in SF1 and contain most of the oligomeric 
compounds. The “middle cuts” come out in SF2 through SF4 and contain most of the phenolic and 
furan compounds. The “light oxygenates” come out in SF5 and are also referred to as the aqueous 
phase, as this collection contains the highest liquid moisture by weight percent.  Additionally, 
NCG generated from pyrolysis can be recovered from the final heat exchanger after being 
separated from the remaining aerosols in the glass wool filter.  Various analysis techniques were 
used such as gas chromatography, mass spectroscopy, and many more to determine the 
effectiveness of this separation technique.  Moisture content, water-soluble content, solids content, 
and kinematic viscosity of the bio-oil in each stage fraction were determined. 
 
4.4.2 Stage Fractionation Simulation 
A series of water-cooled heat exchangers were implemented to lower the temperature of 
the pyrolysis vapor prior to condensing the vapor using five flash drum vessels.  To achieve the 
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desired separation of condensed bio-oil in the five stage fractions, the drums were set at flash 
temperatures to match the ratio of each component separated as in Pollard.  Thus, recovering bio-
oil from stage fraction 1 (SF1) and stage fraction 5 (SF5) to be used downstream in the MEC and 
recycled NCG to be used to cool down the pyrolysis vapor entering the SF process was the goal.  
Stage fractions 2 through 4, remaining bio-oil, are sent to the hydrotreating section of the 
biorefinery to be upgraded.  Figure 4.2 show the flow diagram from the simulation. 
   
 
Figure 4.5. Bio-oil stage fractionation simulation process flow diagram 
 
The pyrolysis vapor (same composition as Quench-MEC pyrolysis vapor stream) enters 
the fractionation process at 433.8˚C and 1.22 bar.  This stream is progressively cooled using three 
heat exchangers before any stage fraction is removed.  The coolant for the first heat exchanger is 
the intermediate vapor stream between RESEP1 and RESEP 2 (the first and second stage 
fractionators, flash drums).  The coolant for the second heat exchanger is a recycled NCG stream 
from the tail end of the fractionation system.  The final heat exchanger before entering the first 
fractionator reduces the temperature of the pyrolysis vapor from 353˚C to 140˚C using a water 
coolant.   
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The temperatures at which each flash drum is operated within the model is based on 
matching the ratio of components within each respective SF stream and the ratio of each respective 
SF total determined by Pollard.  The temperature at which the modeled condensers are set are 
based on dew point temperature.  The bio-oil recovery system was designed to operate above the 
dew point for acetic acid such that it is absorbed from  the gas flow by water condensing in stage 
5 (Pollard et al., 2012).   
The pyrolysis vapor then enters RESEP1, a fractionator modeled as a flash drum.  The 
drum is operated at 102˚C and 1.01 bar with a liquid entrainment in the vapor stream of 0.5.  SF1 
(condensed bio-oil) and S3 (remaining vapor are the resulting streams following the first flash 
drum.  S3 is then heated by heat exchanger B4 from 102˚C to 129˚C.  Within the model program, 
B4 essentially closes the loop of the incoming pyrolysis vapor and is referred to as the default 
“nesting block” with Aspen Plus.   
After this heat exchanger block, the remaining vapor enters RESEP2, which is operated at 
102˚C and 1.01 bar with a liquid entrainment in the vapor stream of 0.2.  SF2 (condensed bio-oil) 
and S5 (remaining vapor) are the resulting streams following this flash drum.  S5 is then cooled 
from 102˚C to 90˚C before enter RESEP3 and RESEP4.  These next two flash drums are operated 
at the same temperature, pressure, and liquid entrainment in the vapor stream being 80˚C, 1.01 bar, 
and 0.  RESEP3 results in SF3 (condensed bio-oil) and S7 (remaining vapor), the latter being fed 
into RESEP4 which results in SF4 (condensed bio-oil) and S8 (remaining vapor).  S8 is then cooled 
from 102˚C to 50˚C before entering the final flash drum RESEP5, operated at 40˚C, 1.01 bar, and 
a liquid entrainment in the vapor stream of 0.  This final flash drum results in SF5 (condensed bio-
oil) and a NCG stream.  The NCG stream is recycle to the front of the bio-oil fractionation system 
and is used as a coolant for the second heat exchanger in cooling the pyrolysis vapor stream.  2% 
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of this stream is spilt outand sent to the steam reformation process and the rest is recycled by being 
mixed with the initial incoming pyrolysis vapor stream closing the loop.  SF5 is mixed with SF1 
and a dilution stream then sent to the MEC Component System.  This cooled stream is then mixed 
with a recycle stream of non-reacted bio-oil and is then pumped into the MEC reactor. 
 
4.5 Comparison of Separation Results with ISU Process 
 
 A paper published in December of 2015 used the design from the Pollard paper to explore 
the techno-economic feasibility of biofuel, biochemical, and hydrocarbon chemicals product 
pathways from a biomass fast pyrolysis biorefinery (W. Hu, 2016).  Their work was all simulated 
and began with a similar basis as in the PNNL report with a biomass feedstock of 2000 dry metric 
tons per day, in this case red oak instead of pinewood.  The upstream process, biomass conversion, 
prior to bio-oil fractionation is slightly different from the PNNL report and Pollard processes, seen 
in Figure 4.4 below.   
 
 




 Here, biomass is feed into a chopper then dried in an oven reducing the moisture content 
to less than 7 wt.%.  A steam generator provides the heat for this process and the pyrolysis reaction 
along with fluidizing gas.  After being dried out the remaining substance goes through a grinder 
and is then fed into the fluidized bed reactor, where fast pyrolysis take place.  The product stream 
of this process is then fed into a cyclone similar to the PNNL report where the resulting streams 
are pyrolysis vapor and char.  This leads straight into the bio-oil fractionation process which is 
more or less the same as Pollard, see in Figure 4.5 below. 
 
 
Figure 4.7. Hu bio-oil fractionation system (W. Hu, 2016) 
 
 
 Their process was simulated using Aspen Plus to calculate stage fraction yields.  This result 
gives insight into how the biomass was being distributed in SF1-SF5, NCG, and char.  As 








Table 4.1 Flash temperature variation 
 
Stage Temperature (˚C) 
Run SF 1 SF 2 SF 3 SF 4 SF 5 
1 102 102 80 80 18 
2 112 102 80 80 18 
3 92 102 80 80 18 
4 75 75 60 60 40 
5 65 65 60 60 50 
6 65 63 60 60 45 
7 65 63 60 60 50 
8 102 129 77 77 18 
 
A variety of temperature settings for each stage fractionation flash drum was used to both 
access the effects of flash temperature on separation and matching ISU bio-oil distribution.  See 
Table 4.1 above.  Run 1 temperatures are those used by ISU for the simulation of the fractionation 
process.  This run was used as a starting point to evaluate the initial accuracy of our simulation. 
Run 5 results showed the closest weight percent distribution for bio-oil in each stage fraction.  See 
Table 4.2 below. 
 






 Integration of this process into the baseline biorefinery is still being explored.  This 





Run 5 Data 
(wt% bio-oil) 
1 20.9% 25.8% 
2 25.4% 20.6% 
3 3.3% 2.7% 
4 8.4% 6.2% 
5 42.0% 44.6% 
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reforming.  Additionally, integration of this system with the MEC concerning the recycling of non-

























INTEGRATION OF STEAM REFORMING OF HYDROCARBON GASES 
WITH BIO-OIL SEPARATION AND MEC 
5.1 Bio-oil Separation and Steam Reforming 
Within the baseline biorefinery process, oxygen is removed from compounds within the 
bio-oil by a reaction called hydrodeoxygenation.  The overall process, hydrotreating, is the 
upgrading of bio-oil to more infrastructure-compatible fuels (hexane, pentane, etc.).  To achieve 
this, the bio-oil reacts with compressed hydrogen gas and a catalyst.  For this process, bio-oil 
separation provides bio-oil and SMR provides hydrogen.  Essentially, this process connects the 
steam reforming of hydrocarbon gases and bio-oil separation.  A simple flow diagram of the 
relationship between bio-oil separation, SMR, and hydrotreating can be seen below in Figure 5.1. 
 
 





With the integration of the MEC to this process, the relationship between steam reforming 
and bio-oil separation is altered.  The MEC is integrated between bio-oil separation and 
hydrotreating; however, bio-oil separation provides NCG to steam reforming.  Due to the 
portioning of BOAP to the MEC, the amount of this NCG produced is changed. 
 
 
Figure 5.2 Simple diagram of the relationship between bio-oil separation, MEC, steam 
reforming, and hydrotreating processes 
   
5.2 Process Design Change Results 
Integration of the steam reforming, bio-oil separation, and MEC simulations with one 
another result in an alternative system than what is presented in the PNNL report.  By designing 
these three processes to fit into the PNNL report process seamlessly, the effects each simulation 
has on the other provides a look at how the baseline biorefinery would be altered.  Thus far, it has 
been made apparent that minimizing natural gas for steam reforming causes various changes in 
system output, the most notable being a decrease in hydrogen production.   
By integrating the Quench-MEC process with the PNNL process, there is a change in 
amount of NCG flow rate produced from quenching pyrolysis vapor. The simulation of this process 
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resulted in an 4.70 % decrease in off-gas portioned to the steam reforming process compared to 
the PNNL report (Stream 170).  Results show the simulation of this process had little effect on the 
hydrogen production rate from the two reforming simulations.  There was a 0.080 % reduction in 
hydrogen production via natural gas steam reforming (9,818 lb/hr) and a 0.013% reduction in 
hydrogen production via off-gas reforming (8,067 lb/hr).  Thus, for the natural gas steam reforming 
process, hydrogen demand for the plant is still satisfied despite the slight decrease in off-gas to the 
reformer and combustor. 
 Due to the distribution of bio-oil to the MEC after vapor quenching, there is a reduction in 
bio-oil fed to the hydrotreating section of the system.  19.5% of the bio-oil from quenching is 
utilized as feedstock for the MEC.  The split fraction of the bio-oil back to the first quench column 
(Stream 138-1) essentially creates a loop of the bio-oil that can be adjusted for the proper flow of 















CONCLUSIONS AND RECOMMENDATIONS 
6.1 Conclusions 
Utilization of BOAP derived from pyrolysis vapor within a biorefinery for the production 
of hydrogen gas by means of a MEC has been proposed.  By simulating hydrogen production via 
natural gas and off-gas steam reforming within the baseline biorefinery a mass and energy balance 
was derived.  Effects of the minimization of natural gas in steam reforming showed that a hydrogen 
production rate of 1,723 lb/hr is required by the MEC to meet total biorefinery demand.   A flow 
rate of about 23,000 lb/hr of an aqueous bio-oil stream from condensed pyrolysis vapor was 
determined through the modeling of a MEC considering practical limitations as a sufficient 
substrate for hydrogen production to meet this demand.  From a mass and energy balance derived 
from the simulation of the integration of a bio-oil separation system and MEC into the baseline 
biorefinery a technoeconomic analysis (TEA) was performed to access economic feasibility.  TEA 
showed that hydrogen can be generated for a minimum hydrogen selling price of $ 3.35/kg-H₂.  
These results show the practical derivation of hydrogen production from an aqueous phase bio-oil 
stream derived from a biomass source. 
 Alternative means of bio-oil separation via stage fractionation was additionally proposed.  
The integration of this process into the baseline biorefinery process shows potential for specificity 
in bio-oil utilization.  The process models developed for MEC, steam reforming and pyrolysis 
vapor quenching have laid the ground work for further work to understand the effect of MEC on 






Further work into determining proper separation of BOAP based on the dew point of bio-
oil components could benefit reducing moisture content before hydrodeoxygenation.  Effects of 
this on bio-oil upgrading could also be explored via a mass and energy balance from the full 
simulation of the hydrotreating process.  Additionally, the potential NCG recovered from pyrolysis 
vapor via stage fractionation could have an effect on the amount fed to steam reforming and as a 
result, the total hydrogen production. 
 The simulation of the hydrocracking and product separation processes could also explore 
the effects of the reduction in bio-oil due to MEC integration on the total hydrocarbon fuel 
produced by the biorefinery.  This could potentially result in the decrease of required heating 
and/or cooling utilities for these processes and bio-oil upgrading.  The off-gas produced by these 
processes would be subject to change and would thus result in a difference in hydrogen production 
via steam reforming. 
 The tradeoff between fuel yield and natural gas requirement in the baseline biorefinery can 
be further explored due to the minimization of natural gas to the steam reforming process.  
Essentially, this is the benefit of the proposed design.  As fuel yield in hydrotreating increases, less 
off-gas is produced.  Thus, with less off-gas for hydrogen production, more natural gas is need to 
meet demands.  Though fuel yield is expected to decrease slightly due to the integration of the 
MEC, natural gas required to meet biorefinery demands have been minimized and made up for by 
the MEC.  Furthermore, the full effect of the proposed design could be determined with the 
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170 170+602 250 532 600 601 602 609 610
Mass Flow   lb/hr                  
  WATER                   45 137 0 0 109 17 92 137 4854
  HYDROGEN                4 1789 8899 1001 2117 332 1785 1789 0
  OXYGEN                  0 0 0 0 0 0 0 0 56268
  NITROGEN                0 0 0 0 0 0 0 0 183635
  ARGON                   0 0 0 0 0 0 0 0 3129
  CO                      5551 6060 0 0 604 95 509 6060 0
  CO2                     5231 15450 0 0 12122 1903 10219 15450 114
  METHANE                 737 5604 0 0 5773 906 4867 5604 0
  ETHANE                  101 4244 0 0 4914 771 4143 4244 0
  PROPANE                 2 2448 0 0 2902 456 2446 2448 0
  N-BUT-02                0 2458 0 0 2916 458 2458 2458 0
  N-PEN-01                0 2237 0 0 2654 417 2237 2237 0
  ISOBU-01                0 0 0 0 0 0 0 0 0
  ETHYLENE                233 234 0 0 1 0 1 234 0
  PROPENE                 162 164 0 0 2 0 2 164 0
  HYDRO-01                0 18 0 0 21 3 18 18 0
  NO2                     0 0 0 0 0 0 0 0 0
  CROTO-01                2 2 0 0 0 0 0 2 0
  VANIL-01                8 8 0 0 0 0 0 8 0
  ACETO-01                0 0 0 0 0 0 0 0 0
  2-MET-01                0 0 0 0 0 0 0 0 0
  PYRID-01                0 0 0 0 0 0 0 0 0
  N-HEX-01                0 844 0 0 1001 157 844 844 0
  N-DOD-01                0 2 0 0 2 0 2 2 0
  3-MET-01                0 150 0 0 178 28 150 150 0
  4-MET-01                0 16 0 0 19 3 16 16 0
  ETHYL-01                0 93 0 0 110 17 93 93 0
  1-MET-01                0 69 0 0 82 13 69 69 0
  CYCLO-01                0 241 0 0 286 45 241 241 0
  N-BUT-01                0 6 0 0 7 1 6 6 0
  BICYC-01                0 1 0 0 1 0 1 1 0
  1:3-D-01                0 3 0 0 4 1 3 3 0
  O-XYL-01                0 35 0 0 42 7 35 35 0
  BENZE-01                0 3 0 0 4 1 3 3 0
  4-MET-02                0 0 0 0 0 0 0 0 0
  PYREN-01                0 0 0 0 0 0 0 0 0
  1:2-D-01                0 0 0 0 0 0 0 0 0
  INDAN-01                0 3 0 0 3 0 3 3 0
  1:2:3-01                0 0 0 0 0 0 0 0 0
  6-HEX-01                0 0 0 0 0 0 0 0 0
  2:7-D-01                0 0 0 0 0 0 0 0 0
  NAPHT-01                0 0 0 0 0 0 0 0 0
  THYMO-01                0 0 0 0 0 0 0 0 0
  DIMET-02                0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      383 2111 4414 497 2049 322 1728 2111 8664
Total Flow  lb/hr         12076 42318 8899 1001 35874 5632 30242 42318 248000
Total Flow  cuft/hr       110997 318406 99724 11216 315551 49542 266010 64814 3406640
Temperature F             162 244 150 150 258 258 258 687 90
Pressure    psia          23 50 293 293 50 50 50 405 15
Vapor Frac                1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00
Liquid Frac               0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Solid Frac                0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Enthalpy    Btu/lbmol     -80687 -43130 513 513 -34802 -34802 -34802 -38144 -3196
Enthalpy    Btu/lb        -2560 -2151 255 255 -1988 -1988 -1988 -1902 -112






611 630 650 651 662 667 671 672 672-1
Mass Flow   lb/hr                  
  WATER                   4854 41567 0 137 97843 64791 64791 48133 48133
  HYDROGEN                0 0 0 1789 1789 9783 9783 11647 11647
  OXYGEN                  56268 4985 0 0 0 0 0 0 0
  NITROGEN                183635 183749 114 114 114 114 114 114 114
  ARGON                   3129 3129 0 0 0 0 0 0 0
  CO                      0 0 0 6060 6060 32608 32608 6708 6708
  CO2                     114 110868 54 15504 15504 35025 35025 75719 75719
  METHANE                 0 0 6149 11753 11753 4683 4683 4683 4683
  ETHANE                  0 0 405 4649 4649 0 0 0 0
  PROPANE                 0 0 180 2628 2628 0 0 0 0
  N-BUT-02                0 0 47 2505 2505 0 0 0 0
  N-PEN-01                0 0 6 2243 2243 0 0 0 0
  ISOBU-01                0 0 36 36 36 0 0 0 0
  ETHYLENE                0 0 0 234 234 0 0 0 0
  PROPENE                 0 0 0 164 164 0 0 0 0
  HYDRO-01                0 21 0 18 18 18 18 18 18
  NO2                     0 0 0 0 0 0 0 0 0
  CROTO-01                0 0 0 2 2 0 0 0 0
  VANIL-01                0 0 0 8 8 0 0 0 0
  ACETO-01                0 0 0 0 0 0 0 0 0
  2-MET-01                0 0 6 6 6 0 0 0 0
  PYRID-01                0 0 0 0 0 0 0 0 0
  N-HEX-01                0 0 0 844 844 0 0 0 0
  N-DOD-01                0 0 0 2 2 0 0 0 0
  3-MET-01                0 0 0 150 150 0 0 0 0
  4-MET-01                0 0 0 16 16 0 0 0 0
  ETHYL-01                0 0 0 93 93 0 0 0 0
  1-MET-01                0 0 0 69 69 0 0 0 0
  CYCLO-01                0 0 0 241 241 0 0 0 0
  N-BUT-01                0 0 0 6 6 0 0 0 0
  BICYC-01                0 0 0 1 1 0 0 0 0
  1:3-D-01                0 0 0 3 3 0 0 0 0
  O-XYL-01                0 0 0 35 35 0 0 0 0
  BENZE-01                0 0 0 3 3 0 0 0 0
  4-MET-02                0 0 0 0 0 0 0 0 0
  PYREN-01                0 0 0 0 0 0 0 0 0
  1:2-D-01                0 0 0 0 0 0 0 0 0
  INDAN-01                0 0 0 3 3 0 0 0 0
  1:2:3-01                0 0 0 0 0 0 0 0 0
  6-HEX-01                0 0 0 0 0 0 0 0 0
  2:7-D-01                0 0 0 0 0 0 0 0 0
  NAPHT-01                0 0 0 0 0 0 0 0 0
  THYMO-01                0 0 0 0 0 0 0 0 0
  DIMET-02                0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      8664 11621 408 2518 7942 10706 10706 10706 10706
Total Flow  lb/hr         248000 344319 6997 49315 147021 147021 147021 147021 147021
Total Flow  cuft/hr       3186360 7699000 5160 69301 321537 742776 350190 435794 403945
Temperature F             140 528 60 594 1110 1562 500 675 593
Pressure    psia          18 16 415 415 415 314 314 300 300
Vapor Frac                1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00
Liquid Frac               0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Solid Frac                0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Enthalpy    Btu/lbmol     -2846 -53753 -32882 -37292 -74632 -41222 -50342 -50332 -51018
Enthalpy    Btu/lb        -99 -1814 -1916 -1904 -4032 -3002 -3666 -3665 -3715






672-2 680 681 682 690 706 721 723 730
Mass Flow   lb/hr                  
  WATER                   48133 1714 46419 1714 0 203000 144380 144380 225650
  HYDROGEN                11647 11647 0 1747 9900 0 0 0 0
  OXYGEN                  0 0 0 0 0 0 0 0 0
  NITROGEN                114 114 0 114 0 0 0 0 0
  ARGON                   0 0 0 0 0 0 0 0 0
  CO                      6708 6708 0 6708 0 0 0 0 0
  CO2                     75719 75703 16 75703 0 0 0 0 0
  METHANE                 4683 4683 0 4683 0 0 0 0 0
  ETHANE                  0 0 0 0 0 0 0 0 0
  PROPANE                 0 0 0 0 0 0 0 0 0
  N-BUT-02                0 0 0 0 0 0 0 0 0
  N-PEN-01                0 0 0 0 0 0 0 0 0
  ISOBU-01                0 0 0 0 0 0 0 0 0
  ETHYLENE                0 0 0 0 0 0 0 0 0
  PROPENE                 0 0 0 0 0 0 0 0 0
  HYDRO-01                18 18 0 18 0 0 0 0 0
  NO2                     0 0 0 0 0 0 0 0 0
  CROTO-01                0 0 0 0 0 0 0 0 0
  VANIL-01                0 0 0 0 0 0 0 0 0
  ACETO-01                0 0 0 0 0 0 0 0 0
  2-MET-01                0 0 0 0 0 0 0 0 0
  PYRID-01                0 0 0 0 0 0 0 0 0
  N-HEX-01                0 0 0 0 0 0 0 0 0
  N-DOD-01                0 0 0 0 0 0 0 0 0
  3-MET-01                0 0 0 0 0 0 0 0 0
  4-MET-01                0 0 0 0 0 0 0 0 0
  ETHYL-01                0 0 0 0 0 0 0 0 0
  1-MET-01                0 0 0 0 0 0 0 0 0
  CYCLO-01                0 0 0 0 0 0 0 0 0
  N-BUT-01                0 0 0 0 0 0 0 0 0
  BICYC-01                0 0 0 0 0 0 0 0 0
  1:3-D-01                0 0 0 0 0 0 0 0 0
  O-XYL-01                0 0 0 0 0 0 0 0 0
  BENZE-01                0 0 0 0 0 0 0 0 0
  4-MET-02                0 0 0 0 0 0 0 0 0
  PYREN-01                0 0 0 0 0 0 0 0 0
  1:2-D-01                0 0 0 0 0 0 0 0 0
  INDAN-01                0 0 0 0 0 0 0 0 0
  1:2:3-01                0 0 0 0 0 0 0 0 0
  6-HEX-01                0 0 0 0 0 0 0 0 0
  2:7-D-01                0 0 0 0 0 0 0 0 0
  NAPHT-01                0 0 0 0 0 0 0 0 0
  THYMO-01                0 0 0 0 0 0 0 0 0
  DIMET-02                0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      10706 8129 2577 3218 4911 11268 8014 8014 12525
Total Flow  lb/hr         147021 100587 46435 90687 9900 203000 144380 144380 225650
Total Flow  cuft/hr       229190 182175 1015 69064 110940 4766 4158 64167 160999
Temperature F             250 150 150 150 150 283 496 496 499
Pressure    psia          298 293 293 293 293 685 675 675 675
Vapor Frac                0.83 1.00 0.00 0.98 1.00 0.00 0.00 0.61 1.00
Liquid Frac               0.17 0.00 1.00 0.02 0.00 1.00 1.00 0.39 0.00
Solid Frac                0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Enthalpy    Btu/lbmol     -56760 -39051 -122670 -99811 513 -119860 -114900 -106700 -101440
Enthalpy    Btu/lb        -4133 -3156 -6808 -3542 255 -6653 -6378 -5923 -5631






733 743 752 752-0 790 791 LIQUID S3 S6
Mass Flow   lb/hr                  
  WATER                   127944 203000 203000 203000 29700 29700 0 97706 41567
  HYDROGEN                0 0 0 0 0 0 0 0 0
  OXYGEN                  0 0 0 0 0 0 0 0 4985
  NITROGEN                0 0 0 0 0 0 0 0 183749
  ARGON                   0 0 0 0 0 0 0 0 3129
  CO                      0 0 0 0 0 0 0 0 0
  CO2                     0 0 0 0 0 0 0 0 110868
  METHANE                 0 0 0 0 0 0 0 0 0
  ETHANE                  0 0 0 0 0 0 0 0 0
  PROPANE                 0 0 0 0 0 0 0 0 0
  N-BUT-02                0 0 0 0 0 0 0 0 0
  N-PEN-01                0 0 0 0 0 0 0 0 0
  ISOBU-01                0 0 0 0 0 0 0 0 0
  ETHYLENE                0 0 0 0 0 0 0 0 0
  PROPENE                 0 0 0 0 0 0 0 0 0
  HYDRO-01                0 0 0 0 0 0 0 0 21
  NO2                     0 0 0 0 0 0 0 0 0
  CROTO-01                0 0 0 0 0 0 0 0 0
  VANIL-01                0 0 0 0 0 0 0 0 0
  ACETO-01                0 0 0 0 0 0 0 0 0
  2-MET-01                0 0 0 0 0 0 0 0 0
  PYRID-01                0 0 0 0 0 0 0 0 0
  N-HEX-01                0 0 0 0 0 0 0 0 0
  N-DOD-01                0 0 0 0 0 0 0 0 0
  3-MET-01                0 0 0 0 0 0 0 0 0
  4-MET-01                0 0 0 0 0 0 0 0 0
  ETHYL-01                0 0 0 0 0 0 0 0 0
  1-MET-01                0 0 0 0 0 0 0 0 0
  CYCLO-01                0 0 0 0 0 0 0 0 0
  N-BUT-01                0 0 0 0 0 0 0 0 0
  BICYC-01                0 0 0 0 0 0 0 0 0
  1:3-D-01                0 0 0 0 0 0 0 0 0
  O-XYL-01                0 0 0 0 0 0 0 0 0
  BENZE-01                0 0 0 0 0 0 0 0 0
  4-MET-02                0 0 0 0 0 0 0 0 0
  PYREN-01                0 0 0 0 0 0 0 0 0
  1:2-D-01                0 0 0 0 0 0 0 0 0
  INDAN-01                0 0 0 0 0 0 0 0 0
  1:2:3-01                0 0 0 0 0 0 0 0 0
  6-HEX-01                0 0 0 0 0 0 0 0 0
  2:7-D-01                0 0 0 0 0 0 0 0 0
  NAPHT-01                0 0 0 0 0 0 0 0 0
  THYMO-01                0 0 0 0 0 0 0 0 0
  DIMET-02                0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      7102 11268 11268 11268 1649 1649 0 5424 11621
Total Flow  lb/hr         127944 203000 203000 203000 29700 29700 0 97706 344319
Total Flow  cuft/hr       127673 76606 5233 5381 21191 705 0 97499 18790700
Temperature F             750 498 402 430 499 300  750 1800
Pressure    psia          675 685 685 685 675 675 300 675 15
Vapor Frac                1.00 0.52 0.00 0.00 1.00 0.00  1.00 1.00
Liquid Frac               0.00 0.48 1.00 1.00 0.00 1.00  0.00 0.00
Solid Frac                0.00 0.00 0.00 0.00 0.00 0.00  0.00 0.00
Enthalpy    Btu/lbmol     -98889 -107900 -117210 -116560 -101440 -119490  -98889 -42214
Enthalpy    Btu/lb        -5489 -5989 -6506 -6470 -5631 -6633  -5489 -1425





S10 S12 S14 S15 S18 S22 S25
Mass Flow   lb/hr                
  WATER                   97843 41567 225650 41567 41567 41567 4854
  HYDROGEN                1789 0 0 0 0 0 0
  OXYGEN                  0 4985 0 4985 4985 4985 56268
  NITROGEN                114 183749 0 183749 183749 183749 183635
  ARGON                   0 3129 0 3129 3129 3129 3129
  CO                      6060 0 0 0 0 0 0
  CO2                     15504 110868 0 110868 110868 110868 114
  METHANE                 11753 0 0 0 0 0 0
  ETHANE                  4649 0 0 0 0 0 0
  PROPANE                 2628 0 0 0 0 0 0
  N-BUT-02                2505 0 0 0 0 0 0
  N-PEN-01                2243 0 0 0 0 0 0
  ISOBU-01                36 0 0 0 0 0 0
  ETHYLENE                234 0 0 0 0 0 0
  PROPENE                 164 0 0 0 0 0 0
  HYDRO-01                18 21 0 21 21 21 0
  NO2                     0 0 0 0 0 0 0
  CROTO-01                2 0 0 0 0 0 0
  VANIL-01                8 0 0 0 0 0 0
  ACETO-01                0 0 0 0 0 0 0
  2-MET-01                6 0 0 0 0 0 0
  PYRID-01                0 0 0 0 0 0 0
  N-HEX-01                844 0 0 0 0 0 0
  N-DOD-01                2 0 0 0 0 0 0
  3-MET-01                150 0 0 0 0 0 0
  4-MET-01                16 0 0 0 0 0 0
  ETHYL-01                93 0 0 0 0 0 0
  1-MET-01                69 0 0 0 0 0 0
  CYCLO-01                241 0 0 0 0 0 0
  N-BUT-01                6 0 0 0 0 0 0
  BICYC-01                1 0 0 0 0 0 0
  1:3-D-01                3 0 0 0 0 0 0
  O-XYL-01                35 0 0 0 0 0 0
  BENZE-01                3 0 0 0 0 0 0
  4-MET-02                0 0 0 0 0 0 0
  PYREN-01                0 0 0 0 0 0 0
  1:2-D-01                0 0 0 0 0 0 0
  INDAN-01                3 0 0 0 0 0 0
  1:2:3-01                0 0 0 0 0 0 0
  6-HEX-01                0 0 0 0 0 0 0
  2:7-D-01                0 0 0 0 0 0 0
  NAPHT-01                0 0 0 0 0 0 0
  THYMO-01                0 0 0 0 0 0 0
  DIMET-02                0 0 0 0 0 0 0
Total Flow  lbmol/hr      7942 11621 12525 11621 11621 11621 8664
Total Flow  lb/hr         147021 344319 225650 344319 344319 344319 248000
Total Flow  cuft/hr       226775 8120330 225172 16000700 13541100 8036490 3102030
Temperature F             671 517 750 1464 1169 507 124
Pressure    psia          415 15 675 15 15 15 18
Vapor Frac                1.00 1.00 1.00 1.00 1.00 1.00 1.00
Liquid Frac               0.00 0.00 0.00 0.00 0.00 0.00 0.00
Solid Frac                0.00 0.00 0.00 0.00 0.00 0.00 0.00
Enthalpy    Btu/lbmol     -79357 -53843 -98889 -45443 -48190 -53926 -2957
Enthalpy    Btu/lb        -4287 -1817 -5489 -1534 -1626 -1820 -103











170 170+602 250 532 600 601 602 609 610
Mass Flow   lb/hr                  
  WATER                   45 137 0 0 109 17 92 137 4854
  HYDROGEN                4 1789 7350 827 2117 332 1785 1789 0
  OXYGEN                  0 0 0 0 0 0 0 0 56268
  NITROGEN                0 0 0 0 0 0 0 0 183635
  ARGON                   0 0 0 0 0 0 0 0 3129
  CO                      5551 6060 0 0 604 95 509 6060 0
  CO2                     5231 15450 0 0 12122 1903 10219 15450 114
  METHANE                 737 5604 0 0 5773 906 4867 5604 0
  ETHANE                  101 4244 0 0 4914 771 4143 4244 0
  PROPANE                 2 2448 0 0 2902 456 2446 2448 0
  N-BUT-02                0 2458 0 0 2916 458 2458 2458 0
  N-PEN-01                0 2237 0 0 2654 417 2237 2237 0
  ISOBU-01                0 0 0 0 0 0 0 0 0
  ETHYLENE                233 234 0 0 1 0 1 234 0
  PROPENE                 162 164 0 0 2 0 2 164 0
  HYDRO-01                0 18 0 0 21 3 18 18 0
  NO2                     0 0 0 0 0 0 0 0 0
  CROTO-01                2 2 0 0 0 0 0 2 0
  VANIL-01                8 8 0 0 0 0 0 8 0
  ACETO-01                0 0 0 0 0 0 0 0 0
  2-MET-01                0 0 0 0 0 0 0 0 0
  PYRID-01                0 0 0 0 0 0 0 0 0
  N-HEX-01                0 844 0 0 1001 157 844 844 0
  N-DOD-01                0 2 0 0 2 0 2 2 0
  3-MET-01                0 150 0 0 178 28 150 150 0
  4-MET-01                0 16 0 0 19 3 16 16 0
  ETHYL-01                0 93 0 0 110 17 93 93 0
  1-MET-01                0 69 0 0 82 13 69 69 0
  CYCLO-01                0 241 0 0 286 45 241 241 0
  N-BUT-01                0 6 0 0 7 1 6 6 0
  BICYC-01                0 1 0 0 1 0 1 1 0
  1:3-D-01                0 3 0 0 4 1 3 3 0
  O-XYL-01                0 35 0 0 42 7 35 35 0
  BENZE-01                0 3 0 0 4 1 3 3 0
  4-MET-02                0 0 0 0 0 0 0 0 0
  PYREN-01                0 0 0 0 0 0 0 0 0
  1:2-D-01                0 0 0 0 0 0 0 0 0
  INDAN-01                0 3 0 0 3 0 3 3 0
  1:2:3-01                0 0 0 0 0 0 0 0 0
  6-HEX-01                0 0 0 0 0 0 0 0 0
  2:7-D-01                0 0 0 0 0 0 0 0 0
  NAPHT-01                0 0 0 0 0 0 0 0 0
  THYMO-01                0 0 0 0 0 0 0 0 0
  DIMET-02                0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      383 2111 3646 410 2049 322 1728 2111 8664
Total Flow  lb/hr         12076 42318 7350 827 35874 5632 30242 42318 248000
Total Flow  cuft/hr       110997 318406 82361 9263 315551 49542 266010 64814 3406640
Temperature F             162 244 150 150 258 258 258 687 90
Pressure    psia          23 50 293 293 50 50 50 405 15
Vapor Frac                1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00
Liquid Frac               0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Solid Frac                0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Enthalpy    Btu/lbmol     -80687 -43130 513 513 -34802 -34802 -34802 -38144 -3196
Enthalpy    Btu/lb        -2560 -2151 255 255 -1988 -1988 -1988 -1902 -112






611 630 662 667 671 672 672-1 672-2 680
Mass Flow   lb/hr                  
  WATER                   4854 33192 97843 69943 69943 56627 56627 56627 1408
  HYDROGEN                0 0 1789 8129 8129 9619 9619 9619 9619
  OXYGEN                  56268 18336 0 0 0 0 0 0 0
  NITROGEN                183635 183635 0 0 0 0 0 0 0
  ARGON                   3129 3129 0 0 0 0 0 0 0
  CO                      0 0 6060 24903 24903 4198 4198 4198 4198
  CO2                     114 91928 15450 34731 34731 67262 67262 67262 67241
  METHANE                 0 0 5604 2301 2301 2301 2301 2301 2301
  ETHANE                  0 0 4244 0 0 0 0 0 0
  PROPANE                 0 0 2448 0 0 0 0 0 0
  N-BUT-02                0 0 2458 0 0 0 0 0 0
  N-PEN-01                0 0 2237 0 0 0 0 0 0
  ISOBU-01                0 0 0 0 0 0 0 0 0
  ETHYLENE                0 0 234 0 0 0 0 0 0
  PROPENE                 0 0 164 0 0 0 0 0 0
  HYDRO-01                0 21 18 18 18 18 18 18 18
  NO2                     0 0 0 0 0 0 0 0 0
  CROTO-01                0 0 2 0 0 0 0 0 0
  VANIL-01                0 0 8 0 0 0 0 0 0
  ACETO-01                0 0 0 0 0 0 0 0 0
  2-MET-01                0 0 0 0 0 0 0 0 0
  PYRID-01                0 0 0 0 0 0 0 0 0
  N-HEX-01                0 0 844 0 0 0 0 0 0
  N-DOD-01                0 0 2 0 0 0 0 0 0
  3-MET-01                0 0 150 0 0 0 0 0 0
  4-MET-01                0 0 16 0 0 0 0 0 0
  ETHYL-01                0 0 93 0 0 0 0 0 0
  1-MET-01                0 0 69 0 0 0 0 0 0
  CYCLO-01                0 0 241 0 0 0 0 0 0
  N-BUT-01                0 0 6 0 0 0 0 0 0
  BICYC-01                0 0 1 0 0 0 0 0 0
  1:3-D-01                0 0 3 0 0 0 0 0 0
  O-XYL-01                0 0 35 0 0 0 0 0 0
  BENZE-01                0 0 3 0 0 0 0 0 0
  4-MET-02                0 0 0 0 0 0 0 0 0
  PYREN-01                0 0 0 0 0 0 0 0 0
  1:2-D-01                0 0 0 0 0 0 0 0 0
  INDAN-01                0 0 3 0 0 0 0 0 0
  1:2:3-01                0 0 0 0 0 0 0 0 0
  6-HEX-01                0 0 0 0 0 0 0 0 0
  2:7-D-01                0 0 0 0 0 0 0 0 0
  NAPHT-01                0 0 0 0 0 0 0 0 0
  THYMO-01                0 0 0 0 0 0 0 0 0
  DIMET-02                0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      8664 11138 7534 9737 9737 9737 9737 9737 6672
Total Flow  lb/hr         248000 330241 140024 140024 140024 140024 140024 140024 84785
Total Flow  cuft/hr       3186360 7378350 312266 675362 317286 395508 363715 188437 149444
Temperature F             140 528 1110 1562 500 675 586 250 150
Pressure    psia          18 16 405 314 314 300 300 298 293
Vapor Frac                1.00 1.00 1.00 1.00 1.00 1.00 1.00 0.75 1.00
Liquid Frac               0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.25 0.00
Solid Frac                0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Enthalpy    Btu/lbmol     -2846 -45415 -77627 -47569 -56771 -56571 -57325 -64463 -41203
Enthalpy    Btu/lb        -99 -1532 -4177 -3308 -3948 -3934 -3986 -4483 -3242





681 682 690 706 721 723 730 733 743
Mass Flow   lb/hr                  
  WATER                   55219 1408 0 203000 144380 144380 225650 127944 203000
  HYDROGEN                0 1443 8176 0 0 0 0 0 0
  OXYGEN                  0 0 0 0 0 0 0 0 0
  NITROGEN                0 0 0 0 0 0 0 0 0
  ARGON                   0 0 0 0 0 0 0 0 0
  CO                      0 4198 0 0 0 0 0 0 0
  CO2                     20 67241 0 0 0 0 0 0 0
  METHANE                 0 2301 0 0 0 0 0 0 0
  ETHANE                  0 0 0 0 0 0 0 0 0
  PROPANE                 0 0 0 0 0 0 0 0 0
  N-BUT-02                0 0 0 0 0 0 0 0 0
  N-PEN-01                0 0 0 0 0 0 0 0 0
  ISOBU-01                0 0 0 0 0 0 0 0 0
  ETHYLENE                0 0 0 0 0 0 0 0 0
  PROPENE                 0 0 0 0 0 0 0 0 0
  HYDRO-01                0 18 0 0 0 0 0 0 0
  NO2                     0 0 0 0 0 0 0 0 0
  CROTO-01                0 0 0 0 0 0 0 0 0
  VANIL-01                0 0 0 0 0 0 0 0 0
  ACETO-01                0 0 0 0 0 0 0 0 0
  2-MET-01                0 0 0 0 0 0 0 0 0
  PYRID-01                0 0 0 0 0 0 0 0 0
  N-HEX-01                0 0 0 0 0 0 0 0 0
  N-DOD-01                0 0 0 0 0 0 0 0 0
  3-MET-01                0 0 0 0 0 0 0 0 0
  4-MET-01                0 0 0 0 0 0 0 0 0
  ETHYL-01                0 0 0 0 0 0 0 0 0
  1-MET-01                0 0 0 0 0 0 0 0 0
  CYCLO-01                0 0 0 0 0 0 0 0 0
  N-BUT-01                0 0 0 0 0 0 0 0 0
  BICYC-01                0 0 0 0 0 0 0 0 0
  1:3-D-01                0 0 0 0 0 0 0 0 0
  O-XYL-01                0 0 0 0 0 0 0 0 0
  BENZE-01                0 0 0 0 0 0 0 0 0
  4-MET-02                0 0 0 0 0 0 0 0 0
  PYREN-01                0 0 0 0 0 0 0 0 0
  1:2-D-01                0 0 0 0 0 0 0 0 0
  INDAN-01                0 0 0 0 0 0 0 0 0
  1:2:3-01                0 0 0 0 0 0 0 0 0
  6-HEX-01                0 0 0 0 0 0 0 0 0
  2:7-D-01                0 0 0 0 0 0 0 0 0
  NAPHT-01                0 0 0 0 0 0 0 0 0
  THYMO-01                0 0 0 0 0 0 0 0 0
  DIMET-02                0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      3066 2616 4056 11268 8014 8014 12525 7102 11268
Total Flow  lb/hr         55239 76609 8176 203000 144380 144380 225650 127944 203000
Total Flow  cuft/hr       1207 55966 91624 4766 4158 61673 160999 127673 69352
Temperature F             150 150 150 283 496 496 499 750 498
Pressure    psia          293 293 293 685 675 675 675 675 685
Vapor Frac                0.00 0.98 1.00 0.00 0.00 0.58 1.00 1.00 0.47
Liquid Frac               1.00 0.02 0.00 1.00 1.00 0.42 0.00 0.00 0.53
Solid Frac                0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Enthalpy    Btu/lbmol     -122670 -106280 513 -119860 -114900 -107040 -101440 -98889 -108610
Enthalpy    Btu/lb        -6808 -3629 255 -6653 -6378 -5942 -5631 -5489 -6029





752 752-0 790 791 LIQUID S3 S6 S10 S12
Mass Flow   lb/hr                  
  WATER                   203000 203000 29700 29700 0 97706 33192 97843 33192
  HYDROGEN                0 0 0 0 0 0 0 1789 0
  OXYGEN                  0 0 0 0 0 0 18336 0 18336
  NITROGEN                0 0 0 0 0 0 183635 0 183635
  ARGON                   0 0 0 0 0 0 3129 0 3129
  CO                      0 0 0 0 0 0 0 6060 0
  CO2                     0 0 0 0 0 0 91928 15450 91928
  METHANE                 0 0 0 0 0 0 0 5604 0
  ETHANE                  0 0 0 0 0 0 0 4244 0
  PROPANE                 0 0 0 0 0 0 0 2448 0
  N-BUT-02                0 0 0 0 0 0 0 2458 0
  N-PEN-01                0 0 0 0 0 0 0 2237 0
  ISOBU-01                0 0 0 0 0 0 0 0 0
  ETHYLENE                0 0 0 0 0 0 0 234 0
  PROPENE                 0 0 0 0 0 0 0 164 0
  HYDRO-01                0 0 0 0 0 0 21 18 21
  NO2                     0 0 0 0 0 0 0 0 0
  CROTO-01                0 0 0 0 0 0 0 2 0
  VANIL-01                0 0 0 0 0 0 0 8 0
  ACETO-01                0 0 0 0 0 0 0 0 0
  2-MET-01                0 0 0 0 0 0 0 0 0
  PYRID-01                0 0 0 0 0 0 0 0 0
  N-HEX-01                0 0 0 0 0 0 0 844 0
  N-DOD-01                0 0 0 0 0 0 0 2 0
  3-MET-01                0 0 0 0 0 0 0 150 0
  4-MET-01                0 0 0 0 0 0 0 16 0
  ETHYL-01                0 0 0 0 0 0 0 93 0
  1-MET-01                0 0 0 0 0 0 0 69 0
  CYCLO-01                0 0 0 0 0 0 0 241 0
  N-BUT-01                0 0 0 0 0 0 0 6 0
  BICYC-01                0 0 0 0 0 0 0 1 0
  1:3-D-01                0 0 0 0 0 0 0 3 0
  O-XYL-01                0 0 0 0 0 0 0 35 0
  BENZE-01                0 0 0 0 0 0 0 3 0
  4-MET-02                0 0 0 0 0 0 0 0 0
  PYREN-01                0 0 0 0 0 0 0 0 0
  1:2-D-01                0 0 0 0 0 0 0 0 0
  INDAN-01                0 0 0 0 0 0 0 3 0
  1:2:3-01                0 0 0 0 0 0 0 0 0
  6-HEX-01                0 0 0 0 0 0 0 0 0
  2:7-D-01                0 0 0 0 0 0 0 0 0
  NAPHT-01                0 0 0 0 0 0 0 0 0
  THYMO-01                0 0 0 0 0 0 0 0 0
  DIMET-02                0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      11268 11268 1649 1649 0 5424 11138 7534 11138
Total Flow  lb/hr         203000 203000 29700 29700 0 97706 330241 140024 330241
Total Flow  cuft/hr       5233 5381 21191 705 0 97499 18011200 227895 7784160
Temperature F             402 430 499 300  750 1800 708 517
Pressure    psia          685 685 675 675 300 675 15 405 15
Vapor Frac                0.00 0.00 1.00 0.00  1.00 1.00 1.00 1.00
Liquid Frac               1.00 1.00 0.00 1.00  0.00 0.00 0.00 0.00
Solid Frac                0.00 0.00 0.00 0.00  0.00 0.00 0.00 0.00
Enthalpy    Btu/lbmol     -117210 -116560 -101440 -119490  -98889 -34112 -81872 -45502
Enthalpy    Btu/lb        -6506 -6470 -5631 -6633  -5489 -1151 -4405 -1535





S14 S15 S18 S22 S25
Mass Flow   lb/hr              
  WATER                   225650 33192 33192 33192 4854
  HYDROGEN                0 0 0 0 0
  OXYGEN                  0 18336 18336 18336 56268
  NITROGEN                0 183635 183635 183635 183635
  ARGON                   0 3129 3129 3129 3129
  CO                      0 0 0 0 0
  CO2                     0 91928 91928 91928 114
  METHANE                 0 0 0 0 0
  ETHANE                  0 0 0 0 0
  PROPANE                 0 0 0 0 0
  N-BUT-02                0 0 0 0 0
  N-PEN-01                0 0 0 0 0
  ISOBU-01                0 0 0 0 0
  ETHYLENE                0 0 0 0 0
  PROPENE                 0 0 0 0 0
  HYDRO-01                0 21 21 21 0
  NO2                     0 0 0 0 0
  CROTO-01                0 0 0 0 0
  VANIL-01                0 0 0 0 0
  ACETO-01                0 0 0 0 0
  2-MET-01                0 0 0 0 0
  PYRID-01                0 0 0 0 0
  N-HEX-01                0 0 0 0 0
  N-DOD-01                0 0 0 0 0
  3-MET-01                0 0 0 0 0
  4-MET-01                0 0 0 0 0
  ETHYL-01                0 0 0 0 0
  1-MET-01                0 0 0 0 0
  CYCLO-01                0 0 0 0 0
  N-BUT-01                0 0 0 0 0
  BICYC-01                0 0 0 0 0
  1:3-D-01                0 0 0 0 0
  O-XYL-01                0 0 0 0 0
  BENZE-01                0 0 0 0 0
  4-MET-02                0 0 0 0 0
  PYREN-01                0 0 0 0 0
  1:2-D-01                0 0 0 0 0
  INDAN-01                0 0 0 0 0
  1:2:3-01                0 0 0 0 0
  6-HEX-01                0 0 0 0 0
  2:7-D-01                0 0 0 0 0
  NAPHT-01                0 0 0 0 0
  THYMO-01                0 0 0 0 0
  DIMET-02                0 0 0 0 0
Total Flow  lbmol/hr      12525 11138 11138 11138 8664
Total Flow  lb/hr         225650 330241 330241 330241 248000
Total Flow  cuft/hr       225172 15582700 13076100 7698830 3102030
Temperature F             750 1495 1181 506 124
Pressure    psia          675 15 15 15 18
Vapor Frac                1.00 1.00 1.00 1.00 1.00
Liquid Frac               0.00 0.00 0.00 0.00 0.00
Solid Frac                0.00 0.00 0.00 0.00 0.00
Enthalpy    Btu/lbmol     -98889 -36983 -39849 -45588 -2957
Enthalpy    Btu/lb        -5489 -1247 -1344 -1538 -103











131-1 131-2 136-1 136-2 136-3 138-1 139-1 140-1 141-1 142-NCG
Mass Flow   lb/hr                   
  WATER                   3666890 3666890 3666890 1500320 1500320 3636660 5684 21021 1278520 12914
  HYDRO-01                890 890 890 2 2 888 1 182 0 187
  CARBO-02                1271140 1271140 1271140 1979 1979 1267320 1970 259616 0 259693
  CARBO-03                1227920 1227920 1227920 2666 2666 1224240 1903 244583 8 251371
  METHA-01                168861 168861 168861 265 265 168354 262 34463 1 34486
  ETHAN-01                23596 23596 23596 38 38 23526 37 4744 0 4760
  PROPA-01                595 595 595 1 1 594 1 117 0 118
  ETHYL-01                54143 54143 54143 16809 16809 53980 84 10894 16123 184
  PROPY-01                38542 38542 38542 27769 27769 38426 60 7588 25656 413
  CROTO-01                614332 614332 614332 1417 1417 607881 952 123 419 113
  VANIL-01                777011 777011 777011 2336 2336 768780 1204 0 1019 0
  ACETO-01                896953 896953 896953 2968 2968 887697 1390 538 1433 399
  P-HYD-01                777011 777011 777011 2336 2336 768780 1204 0 1019 0
  ISOEU-01                554981 554981 554981 1663 1663 549102 860 0 722 0
  LEVOG-01                665996 665996 665996 1085 1085 658941 1032 0 0 473
  CELLO-01                3773850 3773850 3773850 6147 6147 3733870 5849 0 0 2681
  DEHYD-01                332951 332951 332951 1081 1081 329424 516 0 462 462
  DIMET-ST                1220980 1220980 1220980 2091 2091 1208040 1893 0 0 1788
  DIBEN-01                242299 242299 242299 422 422 239766 376 73 7 427
  OLIGOMER                1019900 1019900 1019900 1747 1747 1009100 1581 0 0 1494
  PHENYL-C                222030 222030 222030 347 347 219678 344 0 0 30
  2:4:6-01                5528 5528 5528 9 9 5485 9 39 0 47
  DIBEN-02                2738 2738 2738 5 5 2709 4 0 0 4
  SILIC-01                26904 26904 26904 46 46 26619 42 0 0 39
  AIR                     0 0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      352631 352631 352631 84840 84840 350045 547 18970 72201 18154
Total Flow  lb/hr         17586000 17586000 17586000 1573550 1573550 17429900 27258 583982 1325390 572084
Total Flow  cuft/hr       265849 265850 263067 25847 25847 260731 408 6985700 22191 6197770
Temperature F             158 158 140 86 86 140 140 158 113 113
Pressure    psia          18 25 25 30 40 25 25 18 18 18
Vapor Frac                0 0 0 0 0 0 0 1 0 1
Liquid Frac               1 1 1 1 1 1 1 0 1 0
Solid Frac                0 0 0 0 0 0 0 0 0 0
Enthalpy    Btu/lbmol     -1.99E+06 -1.99E+06 -2.07E+06 -1.44E+05 -1.44E+05 -2.04E+06 -2.07E+06 -8.13E+04 -1.29E+05 -8.57E+04
Enthalpy    Btu/lb        -39922 -39922 -41444 -7747 -7747 -41041 -41444 -2642 -7035 -2719







145 145-1 146 146-1 151 801 802 ATM COMP-H2 DILUTE
Mass Flow   lb/hr                   
  WATER                   1278520 1500320 1270410 1270410 5317 1 1 0 1380 74957
  HYDRO-01                0 2 5 5 1 0 0 0 1769 0
  CARBO-02                0 1979 77 77 1843 0 0 0 1889 0
  CARBO-03                8 2666 6796 6796 1780 0 0 0 12538 0
  METHA-01                1 265 24 24 245 0 0 0 238 0
  ETHAN-01                0 38 16 16 34 0 0 0 19 0
  PROPA-01                0 1 1 1 1 0 0 0 0 0
  ETHYL-01                16123 16809 5414 5414 79 0 0 0 10618 0
  PROPY-01                25656 27769 18480 18480 56 0 0 0 6239 0
  CROTO-01                419 1417 410 410 891 0 0 0 245 0
  VANIL-01                1019 2336 1019 1019 1127 0 0 0 0 0
  ACETO-01                1433 2968 1294 1294 1301 0 0 0 0 0
  P-HYD-01                1019 2336 1019 1019 1127 0 0 0 0 0
  ISOEU-01                722 1663 722 722 805 0 0 0 3 0
  LEVOG-01                0 1085 473 473 966 0 0 0 0 0
  CELLO-01                0 6147 2681 2681 5472 0 0 0 0 0
  DEHYD-01                462 1081 924 924 483 0 0 0 0 0
  DIMET-ST                0 2091 1788 1788 1770 0 0 0 0 0
  DIBEN-01                7 422 361 361 351 0 0 0 0 0
  OLIGOMER                0 1747 1494 1494 1479 0 0 0 0 0
  PHENYL-C                0 347 30 30 322 0 0 0 0 0
  2:4:6-01                0 9 8 8 8 0 0 0 0 0
  DIBEN-02                0 5 4 4 4 0 0 0 0 0
  SILIC-01                0 46 39 39 39 0 0 0 0 0
  AIR                     0 0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      72201 84840 71384 71384 511 0 0 0 1851 4161
Total Flow  lb/hr         1325390 1573550 1313490 1313490 25500 1 1 0 34939 74957
Total Flow  cuft/hr       22191 26433 21430 21430 381 0 0 1 305686 1232
Temperature F             113 124 86 86 140 70 84 86 94 113
Pressure    psia          35 30 30 30 25 20 20 15 36 18
Vapor Frac                0 0 0 0 0 0 0 1 1 0
Liquid Frac               1 1 1 1 1 1 1 0 0 1
Solid Frac                0 0 0 0 0 0 0 0 0 0
Enthalpy    Btu/lbmol     -1.29E+05 -1.42E+05 -1.32E+05 -1.32E+05 -2.07E+06 -1.23E+05 -1.23E+05 -2.56E+04 -2.42E+04 -1.22E+05
Enthalpy    Btu/lb        -7035 -7631 -7161 -7161 -41444 -6825 -6812 -1354 -1283 -6783




























MEC-H2 PYRO-VAP QNCH-H2O RECYCLE1RECYCLE2 RECYCLE3 RECYCLE4 S1 S11 S16 WW
Mass Flow   lb/hr                    
  WATER                   1487240 44495 6750 1485860 1411570 1411570 141157 1284200 1380 1411570 74293
  HYDRO-01                1774 185 0 6 5 5 1 1 1769 5 0
  CARBO-02                1979 263429 0 90 86 86 9 1970 1889 86 5
  CARBO-03                20487 248267 0 7948 7551 7551 755 1911 12538 7551 397
  METHA-01                265 34970 0 28 26 26 3 263 238 26 1
  ETHAN-01                38 4815 0 19 18 18 2 37 19 18 1
  PROPA-01                1 119 0 1 1 1 0 1 0 1 0
  ETHYL-01                16951 11056 0 6333 6016 6016 602 16207 10618 6016 317
  PROPY-01                27854 7704 0 21615 20534 20534 2053 25716 6239 20534 1081
  CROTO-01                724 6574 0 479 455 455 46 1372 245 455 24
  VANIL-01                1192 8231 0 1192 1132 1132 113 2223 0 1132 60
  ACETO-01                1513 9794 0 1513 1438 1438 144 2824 0 1438 76
  P-HYD-01                1192 8231 0 1192 1132 1132 113 2223 0 1132 60
  ISOEU-01                848 5879 0 845 803 803 80 1582 3 803 42
  LEVOG-01                553 7055 0 553 526 526 53 1032 0 526 28
  CELLO-01                3135 39977 0 3135 2978 2978 298 5849 0 2978 157
  DEHYD-01                1081 3527 0 1081 1027 1027 103 978 0 1027 54
  DIMET-ST                2091 12934 0 2091 1987 1987 199 1893 0 1987 105
  DIBEN-01                422 2606 0 422 401 401 40 382 0 401 21
  OLIGOMER                1747 10804 0 1747 1659 1659 166 1581 0 1659 87
  PHENYL-C                35 2352 0 35 33 33 3 344 0 33 2
  2:4:6-01                9 82 0 9 9 9 1 9 0 9 0
  DIBEN-02                5 29 0 5 4 4 0 4 0 4 0
  SILIC-01                46 285 0 46 44 44 4 42 0 44 2
  AIR                     0 0 0 0 0 0 0 0 0 0 0
Total Flow  lbmol/hr      85342 21181 375 83490 79316 79316 7932 72747 1851 79316 4175
Total Flow  lb/hr         1571190 733400 6750 1536250 1459440 1459440 145944 1352650 34939 1459440 76812
Total Flow  cuft/hr       759304 16339600 109 25065 23811 23812 2381 60768 737482 23811 1253
Temperature F             86 813 86 86 86 86 86 126 86 86 86
Pressure    psia          15 18 15 15 15 44 30 25 15 15 15
Vapor Frac                0 1 0 0 0 0 0 0 1 0 0
Liquid Frac               1 0 1 1 1 1 1 1 0 1 1
Solid Frac                0 0 0 0 0 0 0 0 0 0 0
Enthalpy    Btu/lbmol     -1.30E+05 4.33E+05 -1.23E+05 -1.32E+05 -1.32E+05 -1.32E+05 -1.32E+05 -1.44E+05 -2.56E+04 -1.32E+05 -1.32E+05
Enthalpy    Btu/lb        -7041 12504 -6810 -7161 -7161 -7161 -7161 -7729 -1354 -7161 -7161
Enthalpy    Btu/hr        -1.11E+10 9.17E+09 -4.60E+07 -1.10E+10 -1.05E+10 -1.05E+10 -1.05E+09 -1.05E+10 -4.73E+07 -1.05E+10 -5.50E+08
91 
 























Simulation Name CROTO-01 P-HYD-01 ACETO-01 VANIL-01 ISOEU-01 LEVOG-01 CELLO-01
g/day 15,000,509   24,385,056         30,964,728  24,385,056                  17,357,558  11,323,097          64,162,080   187,578,084  
e/mole 18 26 14 34 48 24 48
mol wt 86.09 110.11 74.08 74.08 164.20 162.14 342.30
moles /day 174,242       221,461             417,996       329,172                       105,710       69,835                187,446        1,505,862     
e moles /day 3,136,359     5,757,983          5,851,944    11,191,845                  5,074,073    1,676,037           8,997,404     
coulombs/day 3.03E+11 5.56E+11 5.65E+11 1.08E+12 4.90E+11 1.62E+11 8.68E+11
Current, A 3,502,449     6,430,080          6,535,010    12,498,208                  5,666,342    1,871,672           10,047,622   46,551,383   
H2 produced, moles/d 1,568,180     2,878,991          2,925,972    5,595,923                    2,537,037    838,019              4,498,702     20,842,823   
H2 produced, g/day 3136359.14 5757982.527 5851944.438 11191845.36 5074073.101 1676037.049 8997403.83 41,685,645   
Electricity needed, W 3,502,449     6,430,080          6,535,010    12,498,208                  5,666,342    1,871,672           10,047,622   46,551,383   





H2 produced, moles/d 699,800       1,284,750          1,305,715    2,497,180                    1,132,153    373,966              2,007,546     9,301,110     
Electricity needed, V
Electricity needed, W 1,103,272     2,025,475          2,058,528    3,936,936                    1,784,898    589,577              3,165,001     14,663,686   
Hydrogen Produced, L/d 15,675,523   28,778,397         29,248,018  55,936,843                  25,360,217  8,376,833           44,969,024   208,344,856  
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